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ABSTRACT
The transition to the hydrogen economy has been proposed as a sustainable so-
lution for the simultaneous depletion of fossil fuels and the increase in global
energy demand since the 1970s. However, the current fossil fuel-based hydrogen
production causes significant CO2 emissions. On the other hand, extensive hy-
drogen production by water electrolysis powered by renewable electricity requires
a remarkable increase in the renewable electricity generation capacity. Therefore,
alternative solutions are needed in order to promote the hydrogen economy, de-
velop hydrogen infrastructure, and smoothen the transition to the wide-scale
renewable-based hydrogen production in the future.
In this work, thermal decomposition of methane (TDM) was studied as a
transition period solution towards the hydrogen economy. In TDM, methane is
converted to hydrogen and solid carbon thereby avoiding the direct CO2 emis-
sions. A laboratory-scale test reactor was designed and constructed in this work
in order to experimentally study the TDM reaction. The experimental results
were combined with mathematical modeling to find a suitable TDM reaction
mechanism for reactor design studies. A global reaction mechanism with reac-
tion parameters optimized in this study was found applicable for this purpose.
The TDM product carbon utilization possibilities were evaluated by conduct-
ing a market survey. According to the experimental TDM studies in the literature,
the product carbon from non-catalytic TDM at temperatures above 1450 K is
carbon black. Carbon black is mainly utilized in rubber industry and its market
value vary from 500 EUR per tonne to 2,000 EUR per tonne depending on the
quality. As a part of the technology development, a design path was outlined to
assist the selection of the reaction, reactor, and process parameters for a TDM
application. The path was followed in this work when potential industrial-scale
technology concepts for hydrogen production by TDM were designed. The eco-
nomic feasibility of these processes was evaluated and comparison was conducted
with two other hydrogen production technologies, i.e., steam methane reforming
(SMR) and water electrolysis.
According to the economic analysis, a break-even value for the TDM product
carbon was found as 310 EUR per tonne of carbon in the current market situation
and 280 EUR per tonne of carbon in a potential market situation in 2030 above
which the hydrogen production by TDM would be economically feasible in com-
parison with SMR. The CO2 emissions from the hydrogen production by TDM
were considerably lower than in SMR. Electrolysis could provide an economical
option for the production of CO2-free hydrogen when it is powered by inexpen-
sive renewable electricity, but its availability is expected to remain limited in the
near future. By contrast, the feedstock availability through the existing natu-
ral gas network provides a possibility for demand-driven hydrogen production by
TDM. Thus, the most suitable application for TDM was identified in this work as
small or medium industrial scale on-site hydrogen production, which minimizes
hydrogen transportation costs. The TDM technology implementation could be
further advanced by creating a sufficiently large market for the product carbon
and tightening the CO2 emission regulation.
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TIIVISTELMÄ
Vety-yhteiskuntaan siirtymistä on jo 1970-luvulta lähtien ehdotettu ratkaisuksi
fossiilisten energiavarantojen ehtymiseen ja samanaikaiseen maailmanlaajuiseen
energiankulutuksen kasvuun. Nykyinen fossiilisiin polttoaineisiin perustuva ve-
dyntuotanto on kuitenkin merkittävä hiilidioksidipäästöjen aiheuttaja. Toisaalta
vedyn laajamittainen tuotanto veden elektrolyysillä käyttäen uusiutuvaa sähköä
vaatisi uusiutuvan sähkön tuotantokapasiteetin merkittävää lisäämistä. Vety-
yhteiskunnan edistämiseksi tarvitaan vaihtoehtoisia ratkaisuja, joiden avulla voi-
daan kehittää vetyinfrastruktuuria ja näin helpottaa siirtymistä laajamittaiseen
elektrolyysiin perustuvaan vedyntuotantoon.
Tässä työssä tutkittiin metaanin termisen hajottamisen (thermal decomposi-
tion of methane, TDM) soveltuvuutta siirtymäajan teknologiaksi vedyn tuotan-
toon. TDM-menetelmässä metaani hajotetaan korkeassa lämpötilassa vedyksi ja
kiinteäksi hiileksi eikä menetelmässä synny suoria CO2-päästöjä. Tässä työssä
rakennettiin testilaitteisto TDM-reaktion kokeelliseen tutkimukseen. Kokeelliset
tulokset yhdistettiin matemaattiseen mallinnukseen tarkoituksena löytää TDM-
reaktiota kuvaava reaktiomekanismi käytettäväksi reaktorisuunnittelussa. Sopi-
vimmaksi osoittautui globaali reaktiomekanismi, jonka reaktioparametrit olivat
optimoitu käyttäen tämän työn kokeellisia mittaustuloksia.
TDM-menetelmän tuotehiilen käyttömahdollisuuksia arvioitiin markkinaselvi-
tyksen avulla. Kirjallisuudessa esitettyjen kokeellisten tutkimusten mukaan reak-
tiolämpötilan ollessa yli 1450 K ei-katalyyttinen TDM-reaktio tuottaa hiilimus-
taa, jonka pääasiallinen käyttökohde on kumiteollisuus ja jonka markkinahinta on
laadusta riippuen 500 €–2000 € per tonni. Yhtenä osana teknologian kehitystyötä
selvitettiin reaktio-, reaktori- ja prosessiparametrien valinnan merkitystä TDM-
prosessissa. Tuloksia käytettiin hyväksi, kun tässä työssä suunniteltiin mahdol-
lisia teollisen mittakaavan teknologiakonsepteja TDM-menetelmään perustuvaan
vedyntuotantoon. Näiden prosessien kustannukset arvioitiin ja niitä verrattiin
höyryreformointiin ja veden elektrolyysiin.
Taloudellisen analyysin perusteella rajahinnaksi TDM-menetelmällä tuotetul-
le hiilelle muodostui 310 € per tonni nykyisessä markkinatilanteessa ja 280 € per
tonni vuoden 2030 mahdollisessa markkinatilanteessa. Näitä suuremmilla tuote-
hiilen arvoilla TDM-menetelmä todettiin kilpailukykyiseksi höyryreformointiin
verrattuna. TDM-menetelmään perustuvan vedyntuotannon CO2-päästöt ovat
huomattavasti alhaisemmat kuin höyryreformoinnissa. Veden elektrolyysillä olisi
mahdollista tuottaa vetyä edullisesti ja ilman CO2-päästöjä käyttäen halpaa uu-
siutuvaa sähköä mutta tällaisen sähkön saatavuuden odotetaan säilyvän rajoitet-
tuna lähitulevaisuudessa. Sitä vastoin TDM-menetelmässä tarvittavan maakaa-
sun saatavuus nykyisen maakaasuverkon kautta on hyvä, mikä mahdollistaa ku-
lutustarpeen mukaisen vedyntuotannon. Kokonaisuudessaan TDM-menetelmä
soveltuu parhaiten pieni- tai keskikokoiseen teollisen mittakaavan vedyn tuotan-
toon, joka tapahtuu hajautetusti lähellä käyttökohdetta, jolloin vedyn kulje-
tuskustannukset saadaan minimoitua. TDM-menetelmän käyttöönottoa edis-
täisi riittävän suuren markkinan kehittäminen sen tuotehiilelle sekä päästörajojen
tiukentaminen.
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Chapter 1
Introduction
Hydrogen, the most ubiquitous element in the universe, is currently mainly uti-
lized in industrial processes rather than in energy production. Globally, 7.2 EJ
of hydrogen was utilized in 2013 [1], an amount which equals 1.3% of the world
primary energy consumption [2]. The main industrial applications for hydrogen
are ammonia production, which accounts for 54% of the overall hydrogen con-
sumption, and oil refineries (35% of the hydrogen consumption) whereas other
applications in chemical industry, food industry, and manufacturing are respon-
sible for using the rest of the hydrogen [3]. Hydrogen itself does not contain
carbon, and thus, hydrogen utilization as such does not generate CO2 emissions
that contribute to the climate change. However, the hydrogen production is
a significant source of CO2 emissions. Currently, hydrogen originates mainly
from fossil sources since 48% of hydrogen is produced from natural gas by steam
methane reforming, 30% derive from petroleum refining, 18% is produced by coal
gasification whereas water electrolysis accounts for the remaining 4% [3]. Due
to the fossil origin, hydrogen production causes 500 Mt of CO2 emissions yearly,
which accounts for almost 2% of the energy-related CO2 emissions [4]. Water
electrolysis enables hydrogen production without CO2 emissions but widening
the hydrogen production by electrolysis would require a significant increase in
the renewable electricity generation capacity.
Hydrogen utilization as an energy carrier in the society has been seen as a
tempting alternative to the fossil-based economy for decades. The concept of
hydrogen economy was first presented by Bockris at the early 1970s [5]. Bockris
proposed a system where hydrogen production occurs by electrolysis, hydrogen
is piped to the consumers (industry, households, and transportation sector) who
convert the hydrogen to electricity by fuel cells. The main driver for the hydrogen
economy already back then was to respond to the increasing energy consumption
in the future and to reduce pollution originating from the energy production [5].
However, the transition towards hydrogen economy requires both availability of
hydrogen produced with low CO2 emissions and the development of hydrogen
transportation, distribution, and utilization infrastructure.
Several projects that promote hydrogen utilization in the societies have arisen
very recently. One of these projects is on-going in the UK where a majority of
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the citizens (80%) use natural gas for everyday heating and cooking [6]. The UK
has a target to decarbonise its natural gas grid by turning to hydrogen. Hydro-
gen will be produced from natural gas by steam reforming, currently the most
mature hydrogen production technology, and the CO2 emissions will be captured
and stored to minimize the environmental impact of the process. Intraday and
inter-seasonal hydrogen storage will occur in salt caverns, which is a widely uti-
lized technology for natural gas [6]. The conversion of the gas grid from natural
gas to hydrogen will begin in the city of Leeds, and hydrogen can be fed to the
grid earliest in 2025 [6]. Moreover, Norway is exploring the possibility to produce
hydrogen from renewable energy or fossil resources with a coupling to decarboni-
sation [7,8]. The aim is to export the produced hydrogen from Norway to Central
Europe.
As was already mentioned, natural gas is currently the primary feedstock for
hydrogen production. The International Energy Agency (IEA) predicts that nat-
ural gas is the only fossil fuel whose consumption will increase during the coming
decades and estimates an 50% increase in natural gas consumption from the cur-
rent value by 2040 [9]. The increase in natural gas consumption is enabled by
the development of advanced natural gas production methods that has doubled
the natural gas resources during the recent years [10]. The known natural gas
reserves can suffice the current gas production for the next 60 years [9]. Addi-
tionally, the resources are geographically widely dispersed and many countries
have an access to these resources. Therefore, the natural gas reserves and the
existing gas infrastructure could be utilized to promote the hydrogen economy
by increasing the hydrogen production from natural gas.
Applying thermal decomposition of methane (TDM) to natural gas or any
other methane source provides a potential solution for producing hydrogen with
low CO2 emissions. In this method, methane is thermally converted to hydrogen
and solid carbon. The only source of CO2 emissions in TDM is the heat gen-
eration for the process. TDM was commercially utilized almost 100 years ago
for producing carbon black for rubber industry, but was replaced later with a
more efficient oil-furnace process based on the use of aromatic oils as feedstock.
The scientific research of TDM has been conducted since then and several pilot
plants for TDM have been commissioned. The discovery of carbon nanotubes
increased the research interests towards TDM from 1990 onwards. Most recently,
the concerns about the CO2 emissions originating from the current fossil-fuel
based economy have raised interest towards TDM again, since it could provide a
solution for more environmentally-friendly energy production. Thus, TDM has
been presented as a transition period solution towards the hydrogen economy.
Starting the hydrogen infrastructure development and hydrogen utilization as
soon as possible would smoothen the transition to the hydrogen economy later
when renewable electricity generation capacity is sufficiently large to enable hy-
drogen production by water electrolysis.
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1.1 Research objectives
The objective of this work was to provide tools assisting the TDM reactor and
process design as well as to reveal the techno-economic conditions where TDM
could become a viable technology for hydrogen production. The developed tools
assist the TDM reactor design and dimensioning as well as the selection of the
process parameters for a hydrogen production process based on TDM. The tools
were utilized when conducting the TDM process design and techno-economic
analysis in this work. As a result, the market conditions where TDM could
become an economically feasible hydrogen production technology were identified.
More specifically, the aims of this thesis were:
• To present and analyze alternative process concepts for applying TDM in
commercial scale (Publication I).
• To analyze the effect of reaction and reactor parameters on the TDM pro-
cess design and on the product carbon value (Publication II).
• To study the TDM reaction experimentally and find a suitable reaction
mechanism and rate expression for describing the non-catalytic TDM reac-
tion at the temperatures up to 1500 K. (Publication III)
• To analyze the cost of realizing TDM in a commercial scale and compare the
economic feasibility of hydrogen production by TDMwith other competitive
technologies (Publication IV).
The thesis has the following structure: Following the introduction, Chapter 2
presents the background of the hydrogen economy development, introduces the
selected hydrogen production technologies (TDM, steam methane reforming, and
water electrolysis), and summarizes the state of the art in the research of TDM.
The TDM reaction and reactor modeling is presented in Chapter 3. Chapter 4
summarizes the experimental methods applied in this work to study the TDM
reaction and analyze the TDM product carbon. Chapter 5 provides the principles
to the economic analysis conducted in this work. The results are presented and
discussed in Chapter 6. Finally, Chapter 7 summarizes the most important results
of this work and Chapter 8 proposes future research topics in this field.
3
Chapter 2
Background
2.1 Towards hydrogen economy
The world is heavily dependent on fossil resources as 80% of the primary en-
ergy supply has a fossil origin [4]. Moreover, two thirds of the anthropogenic
green house gases (GHG) originate from the energy sector [4]. Therefore, new
solutions are required in order to ensure the availability of affordable energy and
simultaneously decrease the environmental impact of the energy production and
consumption. A transfer from the fossil economy to the hydrogen economy could
respond to the growing energy demand without GHG emissions. In the hydro-
gen economy, renewable and emission free electricity originating e.g. from wind
or solar power is utilized for hydrogen production. Utilizing renewable energy
for hydrogen production provides a storing option for the fluctuating renewable
power so that it is easier to match the energy demand. Moreover, hydrogen trans-
portation enables transferring energy from the area of surplus renewable energy
to the area of high energy demand. [11]
Hydrogen can be stored in large-scale in underground geological formations,
e.g. in salt caverns that are currently utilized for natural gas storage. Selecting
the place for hydrogen storage requires that the geological formations, topogra-
phy, land availability, environmental impact, and legal issues are considered [12].
The Chevron Phillips Clemens Terminal in Texas has experience in underground
hydrogen storage since 1980’s [13]. Furthermore, Air Liquide commissioned very
recently the world’s largest hydrogen storage facility [14]. This underground cav-
ern located in Texas is able to store hydrogen amount which equals the monthly
production of a large-scale steam reformer unit. Due to the small molecule size,
hydrogen leaks easier than natural gas. Thus, the permeability of the cavern
walls as well as the properties of all the pipelines and sealings must be taken into
account more carefully than in the case of natural gas [12].
The current wind and solar energy production accounts for less than 2% of
the global primary energy supply [2]. However, the introduction of hydrogen
economy would require a much wider renewable electricity production capac-
ity. Therefore, utilizing the fossil resources for hydrogen production provides an
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opportunity for stepwise transition towards hydrogen economy. Developing the
hydrogen infrastructure by using fossil fuels would smoothen the transfer to the
hydrogen economy powered by renewable electricity in the future [11]. The cur-
rently applied feedstock materials for hydrogen production are coal, natural gas,
petroleum fractions in oil refining, biomass, and water. Decarbonisation of the
hydrogen originating from a fossil source is an option to reduce the GHG emis-
sions. However, this would require applying carbon capture and storage (CCS)
but the technology suffers from the high costs and the lack of the CO2 trans-
portation and storage infrastructure. This restrains the wider utilization of fossil
fuel-based hydrogen production technologies. [15]
Applying TDM to natural gas provides a possibility to produce hydrogen
with lower CO2 emissions than other fossil-based technologies. Instead of CO2,
TDM produces solid carbon and is therefore not dependent on the progress of
conventional CCS technology or CO2 transportation and storage infrastructure.
Development of the infrastructure for hydrogen transportation, distribution, and
consumption is a time-consuming process. However, the production of low-CO2
hydrogen by utilizing the vast fossil natural gas reserves could promote the hy-
drogen infrastructure development and later simplify the hydrogen economy ex-
pansion.
2.2 Hydrogen production technologies
This chapter presents three hydrogen production methods that were chosen for
analysis in this work. The steam methane reforming (SMR) was chosen for anal-
ysis since it is the currently most applied technology for industrial hydrogen
production. By contrast, water electrolysis powered by renewable electricity is
projected to become the dominant method for generating hydrogen in the future
hydrogen economy [11]. Production of hydrogen with a renewable origin is pos-
sible if a vast amount of renewable and emission free electricity is available. The
third method is the hydrogen production decarbonisation by applying TDM to
natural gas. Since this technology would utilize the existing natural gas grid, it
could provide a transition period solution for widening the hydrogen production
and promoting the hydrogen economy.
2.2.1 Steam methane reforming
The first industrial steam reformers date back to the 1950s and later SMR has
become the most applied technology for hydrogen and synthesis gas production
[16]. A simplified process chart for natural gas reforming is shown in Fig. 2.1.
The technical and economic aspects of SMR are discussed in Publication IV in
detail.
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Fig. 2.1: Steam methane reforming process. [17]
First step in SMR is the pre-treatment where sulfur is removed from the natu-
ral gas to avoid catalyst poisoning later in the process. The heavier hydrocarbons
in natural gas are converted to methane in a catalytic pre-reformer reactor prior
the main reformer. The most applied reformer reactor type in industrial hydro-
gen production is a tubular steam reformer [18]. In this reactor type, natural gas
flows in the reforming tubes through a nickel catalyst bed at reactor temperature
between 770 K and 1170 K and pressure above 20 bar. The reforming tubes
are placed inside a furnace, where the heat needed in the reformer is produced
by a combustion of a mixture of the off-gas that originates from the hydrogen
separation process and an additional natural gas stream. The principal chemical
reaction in methane reforming is shown in Eq. 2.1, but several other reactions
occur in the reactor as well [17].
CH4 +H2O→ 3H2 +CO 4H 0r = +206 kJmol−1 (2.1)
The gas from the reformer is handled in a water-gas shift (WGS) reactor where
CO reacts with water over a catalyst in order to produce more hydrogen [17]:
CO+H2O→ CO2 +H2 4H 0r = −41 kJmol−1 (2.2)
Commercial SMR plants are available both in a small scale with hydrogen pro-
duction capacity from 10 Nm3 h-1 to 1,000 Nm3 h-1 [19] and in a large scale with
hydrogen production capacity up to 100,000 Nm3 h-1 [1].
The minimum purity for merchant hydrogen defined by The Compressed Gas
Association is 99.8% [17], and therefore, a hydrogen purification step is required
in SMR. The currently most applied hydrogen separation technology is pressure
swing adsorption (PSA), which enables production of hydrogen with an extremely
high purity, 99%–99.999% [20]. Hydrogen separation by PSA is based on chang-
ing pressure levels in the PSA reactor. The impurities in the gas mixture are
selectively adsorbed to a solid material at high pressure after which the pressure
is decreased to desorb the impurities from the reactor. The solid adsorbents are
reused in this cyclic process. [20]. The advantages of PSA are the high purity of
hydrogen and very low operation costs in comparison to other hydrogen separa-
tion technologies [21]. However, PSA is reasonable to use only on medium and
large-scale applications [20] and commercial PSA units are available at hydrogen
production capacity range from 100 Nm3 h-1 to 390,000 Nm3 h-1 [22].
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Another possible method for large-scale hydrogen purification is cryogenic dis-
tillation [20]. This technology is based on gas separation at extremely low tem-
perature, where gas components selectively condense to form a liquid phase [20].
The main disadvantage of cryogenic distillation is the high energy consumption,
and therefore, it is suitable for large scale applications only [20]. Furthermore,
the maximum hydrogen purity level of approximately 99% can be achieved with
cryogenic distillation [20]. Nevertheless, cryogenic distillation enables storing the
separated hydrogen as liquid which increases the energy density of hydrogen and
simplifies its transportation.
The environmental impact of SMR could be reduced with CCS technology
where CO2 is sequestrated from the process and injected into a geological forma-
tion. The IEA has stated that CCS will have a critical role in reducing global
CO2 emissions [23]. The large point sources of CO2 emissions, generally defined
as yearly emissions larger than 0.1 Mt-CO2, are mainly power plants using fossil
fuels as well as some industrial processes such as cement production, iron and
steel production, oil refining, and natural gas processing. The currently leading
CCS technology for SMR plants is capturing CO2 from the syngas after the WGS
reactor by using methyldiethanolamine (MDEA) solvent [24]. The first stage in
chemical absorption is where the sorbent reacts with CO2 in the gas stream and it
is followed by a regeneration stage, where the same reaction occurs in the opposite
direction releasing the CO2. The most common solvents in chemical absorption
are amines (e.g. monoethanolamine (MEA), and MDEA). Chemical absorption
is the most suitable technology for capturing CO2 at low partial pressure as is
the case in SMR syngas. [25]
CCS provides a possibility to decarbonise the hydrogen production by SMR
and reduce the environmental impact of the process. According to [26], there
are five hydrogen production plants around the world that have coupled CO2
capture with the steam reforming process. An alternative to the long-term storage
of CO2 is turning it into chemicals and fuels, a process called carbon capture
and utilization (CCU). CCU is seen as an economically favorable option since
it converts waste (CO2) into marketable products. The main issue hindering
the hydrogen production decarbonisation is the lack of wide CO2 transport and
storage infrastructure [26]. Furthermore, the demand for decarbonised hydrogen
is insufficient and the hydrogen transportation and utilization infrastructure is
inadequate.
2.2.2 Water electrolysis
Hydrogen production by electrolysis is based on water splitting into hydrogen and
oxygen by using electricity. The main components of an electrolyzer are an anode,
a cathode and a separator between these two as well as a liquid or solid electrolyte.
The currently most developed electrolyzers are alkaline electrolyzers and polymer
electrolyte membrane (PEM) electrolyzers. Using water as feedstock enables the
production of very high-purity hydrogen for fuel cells or for industrial processes
with high quality requirements [3]. However, further development is required
to scale-up the electrolyzers since alkaline electrolyzers are currently available
7
only for small industrial needs (up to 1000 Nm3 h-1) and PEM electrolyzers for
applications below 100 Nm3 h-1 [27].
Alkaline electrolysis is the most mature electrolyzer technology and its costs
are relatively low in comparison with the other electrolysis technologies, since
those can be manufactured from abundant and inexpensive materials [27]. More-
over, alkaline electrolyzers have a high reliability and durability, and moreover,
those provide an opportunity to operate at elevated pressures. Nevertheless, the
ability of the alkaline electrolyzer to tolerate fluctuating power sources such as
renewable energy needs to be improved [27]. The electricity consumption of the
currently available commercial alkaline electrolyzers varies between 50 kWh kg-1
and 60 kWh kg-1 [28]. Additionally, hydrogen purity that can be achieved with
these systems vary within the range of 99.3%–99.9998% [28].
PEM electrolyzers are commercially available as well, but the cost of those
is approximately twice the cost of alkaline electrolyzers [28]. However, PEM
electrolyzers are compact and safe to operate as well as able to handle fluctu-
ating power loads [27]. The commercial PEM electrolyzers have an electricity
consumption that varies from 54 kWh kg-1 to 65 kWh kg-1 and the produced hy-
drogen purity is in the range of 99.9%–99.9998% [28]. The economics of hydrogen
production by water electrolysis is studied in Publication IV.
Despite the fact that electrolyzers have been commercially available for decades,
further development is required in order to produce larger and more efficient elec-
trolyzers. Another issue preventing the utilization of electrolysis for large-scale
hydrogen production is the limited availability of renewable electricity. Accord-
ing to the estimates given by the IEA [9], renewable electricity generation will
increase rapidly during the following decades. The IEA main scenario predicts
that renewable energy accounts around 60% of the power generation capacity in
2040. The technology development decreases the costs; solar photovoltaics are
expected to face a cost cut of 40%–70% and wind power a cost cut of 10–25% by
2040 [9]. Implementing electrolyzers to produce hydrogen by water electrolysis at
a large scale requires the technical development of both in the field of electrolyz-
ers and renewable energy generation, as well as extensive market penetration
of renewable power generation technologies. Therefore, it is estimated that the
hydrogen production by electrolysis can meet the demands of the wide-scale hy-
drogen economy not earlier than in the second half of the 21st century [29,30].
2.2.3 Thermal decomposition of methane
The TDM reaction can be applied to produce hydrogen at high reaction tempera-
ture from a methane source such as natural gas. The reaction produces elemental
carbon as a by-product. The global reaction equation for TDM is [31]:
CH4(g)→ C(s) + 2H2(g) 4H0r = 75 kJmol−1 (2.3)
The main advantage of TDM over other hydrogen production technologies is that
instead of CO2, which is a harmful component to the climate, it produces solid
carbon that is easier to store and can be a marketable product. However, in
order to reach reasonable reaction times for industrial applications, the thermal
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non-catalytic TDM requires a reaction temperature above 1300 K, which can be
achieved by using high-temperature heat or electricity. Thus, the overall CO2
emissions from the process depend on the energy source applied to produce this
heat.
The energy balance of TDM is thoroughly studied in Publication II. An en-
ergy balance for the theoretical TDM reaction with no losses in a case where
the reaction temperature is 1500 K and methane conversion is 0.9 is shown in
Fig. 2.2. In this work, the denotation for methane conversion varies from 0, when
the TDM reaction does not exist, to 1, when all the methane reacts in TDM.
Sensible enthalpy refers to the heat required to heat up the feedstock prior the
TDM reaction and toe the heat bound to the products due to the high reaction
temperature. The reaction enthalpy (numeric value presented in Eg. 2.3) is re-
quired in order to conduct the TDM reaction. The methane fuel energy accounts
for the balance of the input energy. Due to the methane conversion below 1 as-
sumed here, 8% of the output energy is in a form of methane fuel energy. In this
case, the larger share of the output energy is bound as hydrogen fuel energy. The
energy penalty of TDM method is the energy bound to the product carbon which
remains unutilized as the carbon is not burned. Therefore, in order to make TDM
economically profitable, the marketing value of the produced hydrogen and solid
carbon must exceed the value of the energy bound to the carbon as well as the
reaction enthalpy. Part of the heat needed in the process could be provided by
utilizing waste heat from some other process.
Output
Methane fuel
energy 8%
Hydrogen
fuel energy
45%
Carbon fuel
energy
37%
Sensible
enthalpy
10%
Sensible
enthalpy
8%
Reaction
enthalpy
9%
Methane
fuel energy
83%
Input
Fig. 2.2: Theoretical, i.e. no losses taken into account, energy balance for TDM
at the reaction temperature of 1500 K and with the methane conversion of 0.9.
The history of commercial TDM applications dates back to the 1920s. Back
then, TDM was applied to produce thermal black for tire manufacturing due to
the growing car industry with a process called thermal black process. Typically,
the thermal black process consists of two refractory-lined cylindrical furnaces that
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are operated in a cyclic manner. The gaseous product from the process, which
contains approximately 90% of hydrogen, is burned in one of the furnaces to heat
it up. Simultaneously, natural gas is fed to the other furnace, which was heated
earlier to the temperature of approximately 1600 K. The product gas conveys
the thermal black to the bag filters from where it is collected and finalized by
bagging or pelletizing. However, the more efficient oil-furnace process, in which
heavy, highly aromatic oil is used as feedstock, was invented in 1943 and it rapidly
became the dominant method for producing carbon black for rubber industry. In
the oil-furnace process, part of the feedstock is combusted in order to provide
the heat needed to pyrolyze the remaining oil. Nowadays, the oil-furnace process
dominates the carbon black production. [32]
In the 1960s, a pilot plant for continuous hydrogen production by TDM was
operated by Universal Oil Products [33]. The technology was based on methane
decomposition over a nickel catalyst in a moving bed reactor at the temperature
of 1090 K–1370 K. Hydrogen was the primary product of the process and the
product carbon was simply combusted to produce heat, which caused CO2 emis-
sions. Several decades later, GasPlas operated a commercial plant to produce
both hydrogen and carbon black by TDM in Canada from 1998 to 2001 [34]. In
this Kvaerner Carbon Black and Hydrogen Process, the hydrocarbon feedstock
was decomposed to carbon black and hydrogen by using plasma burners [35].
The plant was decommissioned due to technical problems that occurred in the
plasma technology [36].
The scientific research of the TDM reaction began in the 1960s [37–41]. The
discovery of carbon nanotubes at the beginning of the 1990s [42, 43] resulted in
wide research interest towards the production of carbon nanotubes by catalytic
methane decomposition that has lasted until present [44–52]. Among the metal
catalysts, Ni, Fe, and Co have been found as the most suitable for methane de-
composition. The methane decomposition reaction has been detected already at
the temperature of 470 K in a presence of a nickel catalyst [53]. However, reac-
tion temperatures between 750 K and 1050 K are more applicable when using
metal catalysts. Metal catalysts give a higher reaction rate and higher methane
conversion at lower temperatures than carbon catalysts [54]. By contrast, the
main disadvantages of metal catalysts are that the carbon formation in methane
decomposition may break up the catalyst or sequester the catalyst from the re-
action. Furthermore, separating the catalyst particles from the solid carbon may
be troubled and the impurities originating from the catalyst may diminish the
application possibilities of the product carbon.
At the late 1990’s, Muradov [31] presented the concept of on-site production
of hydrogen and methane blends from natural gas by TDM. This resulted in
an extensive research of carbonaceous catalysts [55–57] as well as non-catalytic
TDM [58–61] at the beginning of 21st century. The advantages of carbonaceous
catalysts are the low cost in comparison with metal catalysts, the possibility
to utilize the product carbon without separating the catalysts from it and that
the product carbon could be a suitable catalyst for the reaction after activa-
tion [55, 62–64]. Furthermore, a tempting option proposed frequently [64–66] is
that the product carbon could autocatalyze the reaction, but the experiments
10
have shown only short periods of autocatalytic effects at the beginning of the
reaction [62,67]. Most widely studied carbonaceous catalysts for methane decom-
position are activated carbon and carbon black due to their preferable activity
and stability. The most suitable temperature range for carbonaceous catalysts in
methane decomposition is between 1050 K and 1300 K.
An important issue to take into account when considering the possibilities to
produce hydrogen by TDM is the product carbon utilization. In this work, the
application possibilities of the TDM product carbon were evaluated by surveying
the current production volumes and market prices of different carbon products.
The results are presented in Publication II. Moreover, an extensive literature
survey of experimental TDM studies was carried out in order to clarify the de-
pendence of the TDM product carbon type on the reaction conditions (Fig. 2.3).
In comparison with a similar survey published in 2005 [33], more experimen-
tal TDM research has been conducted and wider temperature ranges have been
applied since then. Furthermore, the TDM product carbon morphology and
properties have been studied more frequently recently. The TDM reaction with
a metal catalyst has a tendency to produce filamentous carbon such as carbon
nanotubes. By contrast, carbon catalysts can produce both amorphous and crys-
talline carbon. At temperatures above 1450 K, where the reaction equilibrium
does not restrict the TDM reaction, the non-catalytic TDM has been observed
to produce carbon black (Publication II).
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Fig. 2.3: The TDM product carbon type dependence on the reaction tem-
perature in non-catalytic reaction and with five different reaction catalysts.
MWCNT=Multiwalled carbon nanotubes (Publication II)
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The value of the different TDM carbon types was estimated based on a market
analysis presented in Publication II and updated here. The results are summa-
rized in Table 2.1. The single and double walled nanotubes have the highest value
among the possible TDM product carbon types. The price of multiwalled car-
bon nanotubes (MWCNT) is dependent on the carbon purity and tube diameter.
The quality of industrial grade MWCNTs is lower than research grade products,
which means the higher content of amorphous carbon and production residues
in the industrial grade product. The industrial grade MWCNTs typically have
purity of 90% and are suitable for conductive plastics and polymers, paints, and
epoxies. [68] The prices of carbon black, activated carbon or metallurgical coke
are less than that for nanotubes.
Table 2.1: Prices of various carbon products. MWCNT=Multiwalled carbon nan-
otubes
Details Price Ref.
Single/double
walled nanotubes
21,000–260,000 EUR kg-1 [68]
MWCNT Research grade quality 500–21,000 EUR kg-1 [68]
MWCNT Industrial grade, tube
diameter 10 nm
340–390 EUR kg-1 [68]
MWCNT Industrial grade, tube
diameter 20 nm...40 nm
170–340 EUR kg-1 [68]
Carbon black 0.5–2 EUR kg-1 [69–71]
Activated carbon 1.5 EUR kg-1 [72]
Metallurgical coke 0.12–0.32 EUR kg-1 [73]
The dependency of the TDM product carbon type on the TDM reaction
temperature is summarized in Fig. 2.4. Moreover, the possible applications of
each carbon type are listed. The price range for carbon nanotubes is wide and
some of the applications are currently at a research stage. This work focuses
on non-catalytic TDM at temperatures above 1200 K, where the TDM product
carbon is expected to be carbon black. Therefore, the following introduces the
principles of the carbon black formation and properties.
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Fig. 2.4: The dependency of the product carbon type on the TDM reaction tem-
perature and application possibilities for the carbon. [32,74–79]
The Encyclopedia of Chemical Technology [32] defines carbon black as a
generic name for products which mainly consist of elemental carbon and have
an extremely fine particle size. Furthermore, thermal black is defined as a type
of carbon black that has larger particle size and is produced by the thermal
decomposition of gaseous hydrocarbons, for example, methane. The main appli-
cation for carbon black is a filler in rubber compounds, where it improves the
physical properties of the material [80]. The non-rubber applications such as
paints and inks account for 10% of the carbon black consumption [80].
Generally, the formation of carbon black is divided into the following phases:
the formation of carbon black precursors from the hydrocarbon molecules at the
gas phase, nucleation of the precursors, aggregate formation, surface growth on
particles or aggregates, agglomeration due to the collision of the aggregates, and
finally the reactions of the carbon black surface with the gas phase [32]. The
main part of the carbon black mass is produced by surface growth rather than
through the formation of new carbon black particles [81]. The surface growth,
which occurs after the formation of aggregates, causes the aggregates to be the
smallest existing entity in carbon black [81]. Thus, aggregates can be separated
into particles only by fracturing.
Since the main application for carbon black is rubber products, its properties
are generally regarded from that perspective. When the utilization possibilities
of the carbon black are considered, particle size is one of the most important pa-
rameters [32]. The particle size greatly affects the specific surface area of carbon
black, and therefore determines the area where the carbon black can further inter-
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face with other compounds. According to [32], increasing the temperature during
carbon black formation increases the surface area of carbon black. The specific
surface area can be determined from the particle size measurements by using
a transmission electron microscope (TEM) or directly with the following stan-
dardized methods: nitrogen adsorption, iodine adsorption, and the adsorption of
cetyltrimethylammonium bromide [32]. Furthermore, the smaller particle size of
carbon black indicates better reinforcing properties and abrasion resistance [82].
When considering the everyday use, the carbon black structure, which gen-
erally refers to the morphology of the aggregates, is also an important param-
eter [32]. The aggregate size and shape, and the distribution of these factors
affect the ability of carbon black to perform as a reinforcing agent or as a pig-
ment [32]. In addition to the particle size and structure, the surface activity is
also an important parameter affecting the utilization of carbon black [32].
In comparison with the currently dominating carbon black production tech-
nology, oil-furnace process, the benefit of TDM is that direct CO2 emissions are
not produced in TDM and the purity of the produced hydrogen is high. Thus, the
by-product carbon from hydrogen production by TDM could replace the carbon
black currently produced from aromatic oils. However, the current demand for
carbon black in rubber industry is limited, which sets a limit to the TDM appli-
cation possibilities. According to a rough estimate presented in Publication II,
replacing 6% of the current global annual hydrogen production by TDM would
simultaneously produce all the carbon black currently required in the industry.
Increasing the TDM utilization from this extent would require developing new
applications for the product carbon. The following large-scale applications for
the TDM product carbon are highlighted in Publication II: building or construc-
tion material, replacing metallurgical coke in steel production, direct fuel cells
for electricity generation, and soil amendment.
The primary technological challenges in TDM are related to the high reactor
temperature and to the solid carbon formation. As always, using high reaction
temperatures, which in case of TDM may be over 2000 K, requires applying spe-
cialized materials that may cause considerable costs. Additionally, the product
carbon deposition in the reactor may cause a reactor clogging and prevent con-
tinuous operation. The carbon deposition has been detected to become harder
as the reaction temperature increases [83]. The heat required in TDM may be
produced by an additional combustion of fossil fuels, which causes direct CO2
emissions, or using electricity, in which case the primary source and the pro-
duction efficiency of this electricity defines the emissions of the produced hydro-
gen [84]. Applying a catalyst decreases the reactor temperature requirement but
causes another problem: catalyst deactivation due to the carbon formation on
the catalyst surface. Metal catalysts can be regenerated to restore the catalyst
activity. However, regeneration causes additional CO2 emissions, which would
make TDM less appealing hydrogen production method. Using the product car-
bon from TDM as a reaction catalyst has been widely presented as an inexpensive
and environmentally favorable option when the overall life-cycle of the process
has been evaluated [65]. Nevertheless, in experimental tests, a steady decrease of
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the catalytic activity of the product carbon has been detected due to the changes
on the carbon surface [67].
The reactor technologies applied for experimental studies of TDM were sur-
veyed in this work and the results are presented in Publication II. Catalytic TDM
has been studied mainly in fluidized bed reactors or in fixed bed reactors. In con-
trast, non-catalytic TDM experiments have been carried out with flow reactors
and liquid metal reactors. In most cases, the laboratory setups have been heated
by an electrical oven, but additionally, microwaves, plasma, and concentrated
solar energy have been tested. Despite the reactor type, the carbon removal from
the reactor is a challenge that may prevent the continuous operation [84].
Several economic analyses of hydrogen production by TDM have been con-
ducted. Muradov and Veziroğlu [30] found the minimum selling price for the
solid carbon from TDM to be 350 USD tC-1 in order that TDM could compete
economically with SMR. Later, Triphob et al. [85] presented an economic analysis
for applying TDM to produce hydrogen for fuel cells. In that study, the main ad-
vantage of hydrogen production by TDM was that it produces less CO2 emissions
than SMR, and in addition, the costly CCS step in the process would be avoided.
Triphob et al. assumed the TDM carbon value of approximately 1,100 USD tC-1.
Recently, Parkinson et al. [86] conducted a techno-economic analysis of hydrogen
production by TDM in molten metal reactors. In this concept, methane is bub-
bled through a molten metal bed whose temperature is above 1300 K and the
occurring TDM reaction produces hydrogen. When assuming a moderate prod-
uct carbon value (200 USD tC-1) and that the molten metal bed has no catalytic
effects and is heated by an electric arc, TDM was able to compete with SMR
only when a CO2 tax of 78 USD tCO2 -1 was added. The authors of that paper
proposed to invest in research in order to find a suitable catalyst for the molten
metal reactor that enables the operation at temperatures below 1300 K since it
would decrease the energy demand of the process.
The total CO2 emissions of hydrogen production by TDM have been proven
to be less than those from the conventional hydrogen production by the steam
reforming of natural gas [87]. In a very recent study, Weger et al. [88] proposed
TDM as a technology that would enable environmentally clean transition from the
current economy based on fossil fuels to the hydrogen economy. According to the
analysis, employing TDM to produce hydrogen enables a significant reduction of
GHG emissions, up to 27%, in comparison with the current situation. Achieving
this high emission reduction requires that the methane leakages in the process
are under control and the produced hydrogen is efficiently utilized in fuel cells.
2.3 Technical comparison of hydrogen produc-
tion processes
The selected hydrogen production technologies were evaluated by analyzing the
opportunities in each technology and the main barriers preventing the execu-
tion of those. The key properties of each hydrogen production technology are
summarized in Table 2.2.
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Table 2.2: Key properties of the selected hydrogen production technologies.
SMR Alkaline electrolysis TDM
Technology
maturity
Mature technology [1] Mature technology [1] Research/ piloting
stage
Optimal
capacity
Large scale,
150–300 MWH2 [1]
Small scale, up to
3 MWH2 [3]
Small to medium
industrial scale
(Publication IV)
Investment
cost
340–510 EUR kWH2
-1
[1]
760–1,100 EUR kWH2
-1
[28]
1,100–1,400
EUR kWH2
-1
(Publication IV)
SMR is a mature technology and the currently existing plants ensure that the
technology will be in use at least in the near future. Furthermore, there is an
existing natural gas infrastructure from the reserves through pipes to the SMR
plants. An option for mitigating the CO2 emissions from the SMR plant is apply-
ing CCS, but the CCS infrastructure development will be on-going for decades.
The IEA estimates that by 2050 CCS would be fully developed and widely uti-
lized both in power production and in industrial applications [23]. The IEA lists
the most important actions needed to fulfill CCS as follows: to identify new
viable storage sites, to demonstrate large-scale CCS projects that test the com-
patibility of the individual technologies as well as to increase the understanding
and acceptance of the CCS technology among the public and stakeholders. SMR
is economically feasible technology in large-scale centralized hydrogen produc-
tion. The transportation of hydrogen from the production site to the consumers
requires the development of the transportation and distribution infrastructure.
There are various challenges related to water electrolysis. More development
in electrolyzer technology is still required in order to decrease the costs. More-
over, the availability of inexpensive renewable electricity is a necessity for elec-
trolysis applications, and therefore, a vast amount of renewable power generation
capacity needs to be installed. Due to the fluctuating nature of the renewable
electricity generation, transportation and storage of either electricity or hydro-
gen is required. Distributed hydrogen production by electrolysis would require
transporting the renewable electricity from its production site. By contrast, cen-
tralized hydrogen production would be coupled to wide hydrogen transportation
and distribution infrastructure. Electricity is suitable for short-term (<100 h)
storage whereas hydrogen is more efficient in long-term storage [89]. Therefore,
it is possible that hydrogen and electricity may coexist as energy carriers in the
future energy system [89].
As is the case with SMR, TDM would benefit from the existing natural gas
infrastructure. Furthermore, as TDM is applicable in distributed hydrogen pro-
duction, the demand for hydrogen transportation is minor in comparison with
centralized production. Thus, hydrogen handling can be minimized and instead
the natural gas can be transported and stored as such. There are various possi-
bilities to handle the elemental solid carbon from TDM. Storing the solid carbon
is much easier and safer than storing gaseous CO2 [30]. Various industrial ap-
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plication possibilities for the TDM product carbon were listed in the previous
section. By contrast, CCU provides an opportunity to utilize the CO2 from SMR
to generate marketable products. However, hydrogen generation causes only a
fraction of all CO2 emissions and many other CO2 sources will exist in the future.
The CCS technology development results in a situation where plenty of CO2 for
CCU applications would be available from various industrial and power genera-
tion sources. An essential benefit of hydrogen production by TDM is that it is
dependent neither on the development of CCS technology and infrastructure nor
the installation rate of the renewable power capacity.
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Chapter 3
Reaction and reactor
modeling
In this work, the TDM reaction and reactor modeling was carried out by ap-
plying two reaction mechanisms: a global reaction mechanism and a 37-step
elemental reaction mechanism. The reaction parameters for the global reaction
mechanism were optimized based on experiments conducted at TUT with a non-
catalytic TDM test reactor. The suitability of the global TDM mechanism with
the optimized parameters to describe the TDM reaction was verified utilizing ex-
perimental data in the literature. Additionally, the global TDM mechanism was
compared with the 37-step TDM reaction mechanism presented in the literature.
The experiments and modeling work is described in detail in Publication III. The
TDM reaction modeling was essential for the reactor design and dimensioning
that was additionally conducted in this work.
3.1 Regenerative heat exchanger reactor
The technological challenges that prevents applying TDM in an industrial scale
have been discussed by Abánades et al. [84] who demanded developing “a con-
tinuous, reliable, sustainable, and economic process” for TDM. They highlighted
the requirement for a solution that enables the TDM product carbon removal
from the process either mechanically, chemically or by process control. To meet
the needs of such setup, this work presents a new reactor type, a regenerative
heat exchanger reactor (RHER). In this work, the RHER reactor technology
was evaluated in a technical and economic sense as presented in Publication I.
Four commercial scale process concepts for TDM were designed and compared
with each other. The TDM reactor technologies in the concepts under research
were: (Concept 1) the methane burner with a partial methane combustion which
was a modification of the current oil-furnace process for carbon black produc-
tion, (Concept 2) the high-temperature reactor powered by electricity or plasma,
(Concept 3) the catalytic fluidized bed reactor and (Concept 4) the RHER reac-
tor.
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The principle of RHER, first presented in Publication I, is shown in Fig. 3.1.
In RHER, a gaseous hydrocarbon is fed to the reactor from the bottom and
the solid bed material flows in the countercurrent direction. Heating elements
are utilized to achieve a suitable reactor temperature that enables the TDM
reaction in the reactor. Alternatively, the required heat could be produced by
partial combustion inside the reactor. However, in order to avoid CO2 and CO
components in the product gas, this option was not studied further in this work.
The solid carbon deposits on the bed material surface and it is removed from the
reactor by bed material circulation. Additionally, the bed material flow enables
heat transfer from the product gas to the bed material at the end of the reactor
and vice versa at the beginning of the reactor. Thus, the countercurrent flow of
the gas and the bed material enables efficient heat transfer in the reactor and
evens the temperature profile in the reactor. Moreover, from the scientific point
of view, the solid bed material in the RHER provides a stable heat profile for the
experimental studies of reaction kinetics.
Oxidizer inflow (optional)
Inflow of a gaseous
hydrocarbon
Bed
material
flow
direction
Outflow of the product gas
and the unreacted feedstock
Bed material
circulation
Separation of
the solid carbon
Heating
elements
Fig. 3.1: The principle of the regenerative heat exchanger reactor, RHER. [90]
After separating the solid carbon from the bed material, the bed material
would be circulated back to the reactor by lifting it pneumatically or mechanically.
The bed material circulation system must maintain gas tight in order to prevent
air flowing into the reactor. Additionally, it is speculated that the carbon removal
from the bed material would occur by mechanical shaking and that the separation
would become easier the more carbon has been deposited on the bed material
surface. However, the bed material circulation and carbon separation have not
been experimentally tested and proved in this work.
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3.2 TDM reaction kinetics
In this work, the TDM reaction was described using a global reaction mechanism,
which is the simplest way to study a chemical reaction. The global reaction
equation for TDM is shown in Eq. 2.2.3. The reaction rate was assumed to
consist of two terms, which described the forward and backward reactions:
dnCH4
dt = kforward · cCH4
n − kbackward · cH2m, (3.1)
where nCH4 is the amount of methane (mol), t is time (s), cCH4 and cH2 are the
concentrations of methane and hydrogen (mol cm-3), kforward and kbackward are the
rate constants, and n and m are the respective reaction orders (-) for forward and
backward reactions [91]. For simplicity, the backward reaction rate was assumed
to be dependent on the hydrogen concentration only. The backward reaction is
much slower in comparison with the forward reaction at the reactor environment
used in this work. Therefore, it was assumed that an excess amount of carbon
would be available for the backward reaction to occur and the carbon amount
would not limit the backward reaction rate. This simplified model (Eq. 3.1) could
be complemented by taking into account the effect of the product carbon surface
area on the backward reaction rate. However, this would require more detailed
data on the solid carbon surface area development in the reaction environment.
In the case of both forward and backward reactions, the rate constants were
assumed to follow the Arrhenius equation:
k = A · exp [−Ea/(RuT )] , (3.2)
where A is the frequency factor, Ea is the activation energy (J mol-1), Ru is the
universal gas constant (8.314 J mol-1K-1), and T is the temperature (K) [91].
The rate constants and frequency factors use units of cm3, J, mol, and s.
In this work, the reaction parameters in Eqs. 3.1–3.2 were optimized by utiliz-
ing the experimental data achieved with the laboratory-scale test reactor. Totally
four reaction parameters were determined by the optimization procedure: the fre-
quency factor and the activation energy for the forward reaction (Aforward and
Ea,forward, respectively) and the reaction orders for both forward and backward
reactions (n and m, respectively). The remaining reaction parameters for the
backward reaction (Abackward and Ea,backward) were solved utilizing the relation-
ship between the rate constants, defined as the equilibrium constant [91]:
Kc=
kforward
kbackward
. (3.3)
The values for the equilibrium constant Kc (-) were taken from the literature [92]
and modified into the following exponential form:
Kc = 941,272.1 · exp [−96,425.0/(RuT )] . (3.4)
The numerical values for the frequency factor and the activation energy of the
backward reaction were solved by combining Eqs. 3.3 and 3.4.
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Another TDM reaction mechanism evaluated in this work was a 37-step reac-
tion mechanism that was originally developed by Olsvik and Billaud [93] at the
1990’s and later improved by Ozalp [94]. Among the kinetic models for the TDM
reaction presented in the literature [61, 93–97], the 37-step reaction mechanism
was selected as it was presented with full information regarding the reaction mech-
anism and kinetic parameters [94] Originally, the reaction mechanism consisted
of 36 homogenous gas phase reactions and it was derived from the experiments
of non-catalytic TDM carried out in a plug flow reactor at the reactor tempera-
ture up to 1273 K and with low methane conversion values (<0.01) [93]. Later,
the mechanism was further studied and an irreversible reaction describing the
solid carbon formation was added to the mechanism [94]. The 37-step reaction
mechanism follows the reaction path:
methane→ ethane→ ethylene→ acetylene→ solid carbon&hydrogen.
Ozalp et al. [94] successfully applied the 37-step mechanism to describe the
solid carbon formation by TDM at reaction temperatures above 2000 K. However,
in the same study, the 37-step mechanism was not able to predict the experimen-
tally observed solid carbon formation at temperatures below 2000 K. Therefore,
in this work, the 37-step mechanism was further adjusted in order to improve
its ability to predict the solid carbon formation by TDM at temperatures below
2000 K. The analysis, the development work, and the results are presented in
detail in Publication III.
3.3 Packed bed reactor model
A packed bed reactor model combined with the global TDM reaction mechanism
was applied to study the TDM reaction occurring in the experimental setup.
Additionally, the packed bed reactor model was utilized for designing and dimen-
sioning of the RHER reactor in the TDM process studies.
Principally, the packed bed reactor consists of solid particles and a gas flow
through the bed. The proportion of the empty space in the packed bed, i.e.
the void fraction, was experimentally defined to equal that in the experimental
setup by counting beads in a certain volume and estimating the void fraction
mathematically. The pressure drop (dP ) along a differential reactor length (dx)
was written as [98]:
dP
dx =
150µVc
Lc2
+ 1.75ρV
2
c
Lc
, (3.5)
where µ is the dynamic viscosity (N s m-2), and ρ is density (kg m-3). Further-
more, Vc is the characteristic velocity (m s-1) and Lc is characteristic length (m)
that are defined as follows:
Vc =
m˙
ρεvAc
(3.6)
and
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Lc = dp
(
εv
1− εv
)
, (3.7)
where m˙ is the gas mass flow rate (kg s-1), Ac is the cross-sectional area of the
bed (m2), dp is the diameter of the spherical bed particles (m), and εv is the void
fraction (-) [98].
The heat transfer in the test reactor was studied separately, but was not
attached to the packed bed reactor model, since it would have slowed down the
reaction parameter optimization. The temperature measurement setup during
the experiments was such that the measurement points presented a mixture of
the solid bed material temperature and gas temperature, but the gas and solid
temperatures were not measured separately. Therefore, it was assumed that the
temperatures of the gas and solid material were equal. In order to verify this
assumption, separate numerical analysis was conducted that took into account
the heat transfer in the reactor. In the analysis, the test reactor was modeled as
a packed bed reactor, the bed temperature was defined equal with the measured
reactor temperature profile and the gas temperature was calculated based on heat
transfer between the gas and bed. The change in gas temperature (dTb) along a
differential reactor length (dx) was calculated as follows:
dTb
dx =
2piRhc
m˙cp
(Ts − Tb) (3.8)
where R is the total radius of the reactor tube (m), hc is the convective heat
transfer coefficient between the bed and gas (W m2K-1), m˙ is the gas mass flow
rate (kg s-1), cp is the specific heat capacity of the gas at constant pressure
(J kg-1 K-1), and Ts is the bed temperature (K) [98].
According to the numerical analysis, the gas and bed temperatures deviate
most at the beginning and at the end of the reactor tube which are not heated
and where the temperature therefore changes steeply. At the beginning of the
reactor tube, the gas temperature was at maximum 15 K lower than the bed
temperature and at the end of the reactor tube, the gas temperature was at
maximum 15 K higher than the bed temperature with the gas flows in question.
However, the temperatures were highly similar in the middle of the reactor, where
the temperature was the highest. Regarding the TDM reaction modeling, the
part where the temperature is above 1000 K is the most remarkable area and the
assumption that the bed and gas temperature are equal is valid. According to
a sensitivity analysis, the gas volumetric flow needs to be tenfold and the heat
transfer area between the gas and beads should be one third of that what was
calculated in order to achieve a significant deviation between the gas and bed
temperatures.
Additionally, the gas temperature in the radial direction in the reactor was
assumed uniform. This assumption was considered valid since the gas velocity
was low and the heat capacity of the bed was high in comparison with the gas
as the heat transfer analysis presented above demonstrates. Thus, with the gas
volumetric flows used in the experiments, it was reasonable to assume that the
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gas temperature in the test reactor was uniform in the radial direction and that
it equals the bed temperature measured during the experiments.
3.4 Constant pressure reactor model
In order to verify the reaction parameters that were optimized using the packed
bed reactor model, a homogenous 0-dimensional constant pressure reactor model
in LOGESoft [99] was applied to study the TDM reaction. In this model, the
methane decomposition was calculated based on the pre-defined reaction mecha-
nism and reactor temperature. The reactor temperature profiles from the exper-
iments were converted to time-dependent profiles during the reaction parameter
optimization in order to enable implementing those into the constant pressure
reactor model. Moreover, the constant pressure reactor model enabled studying
the 37-step TDM reaction mechanism that would have been too complicated to
implement into the packed bed model in MATLAB.
In the constant pressure reactor model, the reactor was a closed system whose
mass (m (kg)) followed the mass conservation equation:
∂m
∂t = 0, (3.9)
where t is time (s). Additionally, the mass fraction of each species i in the gas
mixture (Yi (-)) was calculated for the closed system as
∂Yi
∂t =
riMi
ρ
, (3.10)
where ri is the reaction rate (mol m-3 s-1) andMi is the molecular mass (kg mol-1)
of the ith species in the gas mixture, and ρ is the density (kg m-3) [100]. The
thermodynamic properties of gases were calculated by utilizing the NASA poly-
nomials [99]. The constant pressure reactor model was found appropriate for
reactor simulations, since a pressure drop of 0.3% at maximum occurred along
the total reactor length according to calculations conducted during the reaction
parameter optimization.
According to a comparative analysis, the methane conversion results were not
dependent on the reactor model selection, but both the packed bed reactor model
and the constant pressure reactor models provided highly similar methane con-
version values when using the global TDM reaction mechanism with optimized
parameters. This verifies the reliability of the packed bed reactor model used
for reactor parameter optimization. Furthermore, the applicability of the global
mechanism with the optimized reaction parameters to predict the TDM reaction
was evaluated by using experimental results presented in the literature. Addi-
tionally, comparison was conducted between the global TDM reaction mechanism
and the 37-step TDM reaction mechanism.
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3.5 The reaction parameter optimization for TDM
The reaction parameter optimization was conducted by applying a particularly
written MATLAB-based function where the TDM reaction occurs in the packed
bed reactor. The function combined the global TDM reaction mechanism, the
gas flows, and the packed bed reactor model in order to simulate the test reactor.
The function defined the gas properties along the reactor length based on the
measured reactor temperature profile, determined the pressure drop in the reactor
(Eqs. 3.5-3.7), and calculated the methane conversion based on the reaction rate
(Eqs. 3.1-3.4).
Totally 48 separate measurement cases were used for the optimization. In
each case, the function calculated the methane conversion at the end of the re-
actor and compared that with the experimental value. Each experimental case
was equally weighted meaning that each of the 48 experimental cases had an
equal effect on the reaction parameter optimization. The function ’fminsearch’
in MATLAB was utilized in order to optimize the reaction parameters by mini-
mizing the square error between the modeled methane conversion value and the
corresponding experimental one. Figure 6.5 in Section 6.1 presents four exam-
ple cases each of which contains the gas temperature profile as a function of gas
residence time in the reactor as well as the experimental and modeled methane
conversion values.
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Chapter 4
Experimental
4.1 Laboratory-scale test reactor
A laboratory-scale test reactor for TDM experiments was designed and partially
constructed by the author at TUT. The reactor setup is presented in detail in
Publication III. The test reactor design was based on previous knowledge gained
from the design, construction, and testing of a small-scale test reactor at TUT
laboratory [101]. The test reactor was utilized to study the carbon deposition on
the bed material particles. Furthermore, due to the large heat capacity of the bed
material in comparison with the gas, the experimental data from the test reactor
was used for the TDM reaction kinetics studies. The temperature profile in the
reactor as well as the composition of the feed gas and product gas were measured
for reactor modeling purposes. Additionally, the quality of some carbon samples
was analyzed.
The test reactor has been presented in detail in Publication III, but the key
aspects are summarized here. A picture and schematics of the test reactor are
shown in Fig. 4.1. The alloy reactor tube (Kanthal APM) with substantial wall
thickness (5 mm) was chosen. Flanges at both ends of the reactor tube enabled
opening and closing the reactor. The flanges were sealed with copper seals in
order to keep the reactor gas tight during the operation. The reactor temper-
ature profile was continuously determined using K-type thermocouples at eight
measurement points and recording the data in 2-second intervals.
The middle part of the reactor was heated with electrical heating modules
(Fibrothal RAC 200/500) in circular shape and these elements were covered with
an additional insulation layer to minimize the thermal losses from the reactor.
Three heating elements (heating power of 19.7 kW per piece) were separately
adjusted with a combination of a thyristor unit (Eurotherm 7100A) and temper-
ature controllers (Eurotherm 3204).
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2500 mm
400 mm
1200 mm
900 mm
1700 mm
1400 mm
2000 mm
600 mm
2400 mm
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Fig. 4.1: Picture and schematics of the laboratory-scale test reactor. (Publica-
tion III)
The reactor tube was filled with spherical inert ceramic beads (diameter
10 mm) that stabilized the reactor temperature profile and provided a surface for
carbon accumulation in the reactor. The gas mixture fed to the reactor contained
methane (purity 99.995%) and nitrogen (purity 99.95%) and the gas flow rates
were controlled with mass flow controllers in the range up to 15 dm3 min-1. The
measurement uncertainty provided by the mass flow controller manufacturer was
0.5%.
Before each measurement, the reactor was heated up and the reactor was kept
inert with a nitrogen flow of 6 dm3 min-1. When a stable reactor temperature
profile was achieved, the methane/nitrogen gas mixture was fed to the reactor.
After exiting the reactor tube, part of the product gas was extracted from the
main stream, flowed through a filter in order to remove the remaining carbon
particles, and conveyed to the in-line gas composition analysis.
Totally, 48 separate cases were measured which had a unique combination of
reactor temperature profile as well as composition of feed gas and product gas as
shown in Table 4.1.
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Table 4.1: The inlet gas composition, temperature profiles, and corresponding
methane conversion values for each experimental case. (Publication III)
Gas input
(dm3 min-1)
Temperature (ºC) as a function of reactor height (m) Methane
conv. (-)
Case CH4 N2 0.4 0.6 0.9 1.2 1.4 1.7 2 2.4
1 0.1 6 226 390 593 738 744 801 666 90 0.000
2 0.1 6 783 942 941 949 925 940 710 84 0.006
3 1 8 660 800 798 977 956 1050 837 93 0.052
4 1 8 663 800 797 979 955 1050 837 94 0.055
5 1 6 684 828 935 995 967 998 811 102 0.058
6 1 8 796 920 982 1024 995 1026 825 103 0.068
7 0.15 6 905 1020 1050 1025 1006 1020 768 67 0.069
8 0.5 5 635 800 827 972 973 1049 813 89 0.076
9 0.5 5 656 800 806 976 966 1053 816 89 0.081
10 1 6 660 800 801 976 959 1050 824 90 0.084
11 1 6 664 800 798 978 957 1050 831 92 0.085
12 1 8 942 1024 1016 1023 989 1025 829 107 0.092
13 0.5 5 801 918 983 1025 995 1025 810 100 0.097
14 1 6 725 863 968 1025 995 1025 819 102 0.103
15 1 6 801 921 985 1026 995 1025 816 100 0.108
16 1 5 669 800 797 980 957 1050 825 92 0.110
17 0.3 6 899 1025 1025 1026 1013 1027 766 59 0.115
18 0.05 5 618 801 841 969 983 1050 801 86 0.124
19 0.5 5 945 1025 1020 1024 988 1025 813 105 0.151
20 1 8 270 560 904 1045 1053 1069 850 109 0.164
21 1 6 943 1025 1018 1024 988 1025 821 106 0.166
22 0.05 5 805 920 985 1025 994 1025 808 102 0.182
23 1 8 245 534 903 1045 1058 1070 852 107 0.188
24 0.05 5 942 1025 1023 1025 987 1026 810 107 0.191
25 0.05 5 227 527 916 1044 1066 1070 834 101 0.195
26 0.05 5 257 550 908 1045 1057 1070 837 106 0.222
27 0.05 5 649 801 814 973 968 1050 812 89 0.270
28 0.5 5 262 552 908 1045 1056 1070 838 105 0.277
29 0.5 5 233 529 909 1045 1063 1070 838 102 0.305
30 1 6 266 557 905 1045 1056 1070 847 107 0.322
31 1 6 239 531 905 1046 1060 1070 846 105 0.329
32 0.1 6 945 1081 1089 1093 1061 1082 837 92 0.458
33 0.1 6 970 1099 1108 1111 1078 1100 859 93 0.603
34 1 15 1138 1165 1159 1165 1128 1165 938 83 0.726
35 1 10 1137 1165 1163 1165 1133 1165 891 77 0.744
36 0.1 8 1032 1146 1155 1159 1124 1150 910 95 0.783
37 1 10 1142 1165 1161 1165 1130 1165 917 80 0.788
38 1 5 1130 1161 1163 1160 1126 1161 839 92 0.795
39 0.7 6 1176 1163 1163 1168 1138 1165 883 110 0.812
40 0.1 6 1036 1150 1159 1162 1128 1155 888 95 0.815
41 1 5 1140 1165 1164 1165 1133 1165 884 77 0.824
42 0.15 6 1123 1165 1165 1165 1138 1165 865 75 0.825
43 0.5 6 1071 1163 1163 1168 1139 1165 880 108 0.831
44 1 5 1136 1170 1167 1170 1145 1169 864 68 0.832
45 0.3 6 1064 1164 1165 1168 1142 1166 874 107 0.842
46 0.15 6 1062 1164 1168 1170 1146 1169 864 107 0.854
47 0.05 6 1124 1171 1169 1170 1148 1170 858 67 0.878
48 0.05 6 1134 1166 1165 1166 1135 1165 872 76 0.906
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The gas residence time in the reactor varied between 6 s and 21 s. The
methane conversion in the experiments was calculated based on the values re-
ceived by the outlet gas analysis.
4.2 Gas analysis
A part of the product gas from the reactor was analyzed with Fourier transform
infrared spectroscope (FTIR) analyzer. FTIR was chosen for gas analysis since
it enables simultaneous qualitative and quantitative gas composition analysis. In
FTIR, the gas sample is exposed to infrared radiation and the resulting spectrum
is analyzed. As the infrared spectrum is unique to each gas component, the gas
composition can be analyzed based on the measured spectrum. Fourier transfor-
mation is applied to mathematically transform the measured frequency spectrum
to gas composition data. [102]
The gas analysis consisted of a 10-second sampling period and a 20-second
analysis period continuously following each other. Since FTIR cannot measure
biatomic homonuclear molecules, such as hydrogen, a separate gas composition
analyzes with gas chromatography were conducted at the early stage of this
project [101]. These analyzes confirmed the presence of hydrogen in the TDM
product gas and verified the method applied in this work for calculating the
methane conversion and hydrogen amount in the product gas.
4.3 Product carbon characterization
The morphology of the selected product carbon particles was analyzed by electron
microscopy. The experimental arrangement in the TDM test reactor was such
that it was not possible to take a carbon sample from the reactor without cooling
down the system, opening the flanges, and removing the bed material from the
reactor. Therefore, only several experimental cases were run for an exceptionally
long period of time to produce the amount of carbon required in the analyses.
The time period for the carbon production was up to three hours. These tests
were conducted only in order to produce carbon for analysis purposes. The intent
was not to study the maximum time period the reactor could be operated before
the product carbon would block the reactor and prevent the gas flowing through
it.
During the experiments, the product carbon deposited on the surface of the
ceramic beads. The carbon samples were collected so that the reactor tube was
opened, all the ceramic beads were removed from the reactor, and several beads
were selected for the analysis purposes.
4.3.1 Scanning electron microscopy
Scanning electron microscopy (SEM) is widely utilized to examine the microscopic
surface structure of materials. In SEM, an electron beam scans over the sample
surface and the emitted electrons are collected with detectors. The resulting
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SEM images provide a three-dimensional appearance of the topography of the
sample’s surface. [103] In this work, the selected product carbon samples were
analyzed with a scanning electron microscope (SEM, Zeiss, ULTRAplus). For
the SEM analyses, the ceramic beads were attached to the aluminum stub with
carbon glue and the carbon deposited on the bead’s surface was analyzed.
4.3.2 Transmission electron microscopy
In transmission electron microscope (TEM), an electron beam is accelerated by
high voltage and transmitted through the sample that has the thickness of less
than 200 nm. The TEM image formation is based on the interaction between
the electrons and the sample. The resolution in TEM may be as high as in
order of 0.1 nm. TEM provides two-dimensional images of the inner structure
of the sample and reveals the morphology and crystallization of the examined
material. The TEM system is frequently equipped with an energy-dispersive X-
ray spectrometer (EDS) that enables examining the elemental composition of the
sample. EDS measures the X-ray distribution that is emitted from the sample
atoms and the chemical elements in the sample are identified by sorting the signal
by energy those contain. [104]
The transmission electron microscope (TEM, Jeol, JEM-2010) used for carbon
analysis in this work was equipped with an energy dispersive spectrometer (EDS,
Thermo Scientific, Noran Vantage with Si(Li) detector). For TEM analyses,
samples were taken by scratching a piece of carbon from the bead’s surface.
The samples were prepared by crushing the product carbon slightly between
laboratory glass slides, mixing the powder with ethanol, and applying a drop of
powder dispersion onto the copper grid with a holey carbon film.
4.4 Experimental arrangement evaluation
The two major sources of uncertainty during the measurements were the volumet-
ric gas flow measurement with the mass flow controllers and the gas composition
analysis with FTIR. The measurement uncertainty defined by the device man-
ufacturer was 0.5% for the mass flow controllers and an absolute value of 0.2%
points for FTIR. These two measurement uncertainties were combined to cal-
culate the overall uncertainties, which are marked as error bars in the results
presented in Fig. 2 in Publication III.
In the gas composition analysis by FTIR, the measurement uncertainty was
denoted as an absolute value of 0.2% points. Therefore, when the methane pro-
portion in the inlet gas (a mixture of nitrogen and methane) was low, the mea-
surement uncertainty was high in relative terms. In several cases this resulted in
a situation where the uncertainty of the methane conversion was especially high,
up to 160% of the experimentally defined value. Therefore, the measurement
accuracy could be improved by eliminating the cases with exceptionally high
measurement uncertainty. Substitutive experiments could be conducted by ap-
plying narrower gas concentration measurement ranges in FTIR or using higher
methane content in the inlet gas. Some of the experiments were conducted with
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an extremely low methane concentration in the inlet gas in order to widen the
range of experimental conditions. For safety reasons, in all experiments methane
was diluted with nitrogen.
The experimental data consisted of a great number of individual measure-
ments each conducted in a case-specific environment. Therefore, comparing the
experimental cases with each other was possible only by using the mathematical
model. It was not possible to revise the experimental data before modeling for
example by excluding any inconsistent measurement point. This modification
would contain a risk that the excluded measurement point would better describe
the studied phenomenon than the remaining points, but this risk was avoided in
this work.
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Chapter 5
Process design and
economic analysis
In this work, an economic analysis of three hydrogen production technologies
i.e. TDM, SMR, and water electrolysis was conducted. Production capacity in
the processes was selected as 1,000 Nm3 h-1 of hydrogen, which is applicable to
fulfill the hydrogen requirement of a small industrial application e.g. in food
industry, electronics industry, glass production or metal processing [3]. In the
hydrogen economy, this hydrogen production capacity would meet the demand
of a commercial fueling station that is capable of serving up to 500 cars per
day [105]. The diving range of a hydrogen fueled car has been announced to
be up to 500 km [106]. The hydrogen production capacity of 1,000 Nm3 h-1
is at the upper capacity limit of the currently commercially available alkaline
electrolyzers [27]. Moreover, two hydrogen production capacities were assumed
for SMR: 1,000 Nm3 h-1 and 100,000 Nm3 h-1. The hydrogen production capacity
of 100,000 Nm3 h-1 equals the consumption of a large industrial process e.g. oil
refining, ammonia synthesis or methanol synthesis [3]. Alternatively, the capacity
would be suitable for centralized hydrogen production in the hydrogen economy
[107]. The large hydrogen production capacity was chosen for SMR since the
economic viability of this technology increases with the unit size. Additionally,
an option to reduce the CO2 emissions from SMR by CCS was taken into account
by coupling CO2 capture to the large-scale SMR process. The economic feasibility
of CCS technology is the highest when applied to large point source emissions.
5.1 TDM processes
Two TDM process schemes (named as TDM and TDMG) were designed and
evaluated in this work. The starting point of the process design was the concept
design conducted at the early stage of this work (presented in Publication I). Both
processes applied RHER reactor technology for conducting the TDM reaction.
A simplified version of the flow chart for the TDM process is shown in Fig. 5.1
whereas the detailed process scheme is presented in Publication IV. In the TDM
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process, the heat needed in the RHER reactor is produced by burning additional
natural gas. The TDM product carbon is removed from RHER by bed material
circulation, separated, pelletized, and packed to be marketed. Furthermore, the
carbon particles in the TDM product gas are filtered out and hydrogen is sepa-
rated by using membranes. The remaining gas from the hydrogen separation by
membranes is recirculated to the RHER reactor. Heat is internally transferred
from the hot flows to the cold flows in order to minimize the external heat re-
quirement. Moreover, cooling is added to the process to avoid material damages
caused by too high temperatures.
Carbon
Bed material
circulation
RHER
Furnace Carbonseparation
Natural gas
Natural gas
Carbon filter Hydrogenseparation
Hydrogen
Heat
Recirculation
Fig. 5.1: Flow chart of the TDM process applied in the economic analysis. (Pub-
lication IV)
Membranes provide a suitable technology for hydrogen purification in small-
scale applications. The driving force for gas separation in membranes is the
pressure gradient over the membrane thickness [20]. The gas mixture is fed to
the high-pressure side and hydrogen migrates across the membrane to the low-
pressure side [20]. The scalability of membranes enables using those both in
industrial and portable applications [20]. Usually, the membrane processes are
easy to control by operating the temperature and pressure at least when the feed
gas composition does not vary significantly over time [17].
Another TDM application is the TDMG process, where the majority of the
TDM product carbon is gasified in order to maximize the hydrogen production. A
simplified flow chart is shown in Fig. 5.2 and a detailed scheme in Publication IV.
The TDM product carbon gasification occurring in the TDMG process can be an
economically feasible option if the product carbon has a low value or if separating
the carbon from the bed material turns out difficult or expensive. In the TDMG
process, the bed material in the RHER reactor is circulated to a separate gasifier
where the solid carbon is gasified with steam and the resulting product gas is
handled in a WGS reactor. Finally, hydrogen in the product gas is separated by
PSA and the off-gas is combusted along with additional natural gas to produce
the heat required both in the RHER reactor and in gasification. In a case that
the CO2 content of the off-gas is high and CO2 transportation infrastructure is
available nearby the plant, the off-gas could be piped directly to a CO2 storage.
The RHER product gas treatment including the carbon filtering from the gas
and hydrogen separation by membranes are similar to that in the TDM process.
Furthermore, heat transfer units are utilized in the TDMG process to minimize
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the external heat requirement, and thus the CO2 emissions that originate from
the heat production, and to provide cooling when necessary.
Bed material
circulation
RHER
Carbon
gasification
Natural gas
Carbon filter Hydrogenseparation
Hydrogen
Water-gas shift Pressure swingadsorption
Hydrogen
Off-gas
Furnace
Natural gas
Carbon
Heat
Off-gas recirculation
Fig. 5.2: Flow chart of the TDMG process (TDM coupled with product carbon
gasification) applied in the economic analysis. (Publication IV)
The TDM product carbon gasification was not experimentally studied in this
work. However, the gasification gas composition was calculated by using the
experimental data from petroleum coke gasification as a reference [108]. The
petroleum coke gasification was chosen for comparison due to its high carbon
content (93%). This corresponds to the carbon content of the TDM product
carbon samples analyzed in this work.
5.2 Process calculations
As a whole, six hydrogen production processes were evaluated in this work: (i)
small-scale TDM, (ii) small-scale TDMG, (iii) small-scale electrolysis, (iv) small-
scale SMR, (v) large-scale SMR, and (vi) large-scale SMR with a CCS coupling. A
large-scale TDM technology was not studied here because it is hypothesized that
the RHER reactor for TDM is not scalable, but that it would require utilization
of several parallel reactors. Using parallel reactors would obviously result in
higher cost in comparison to the SMR technology, where large size brings high
economic benefits. Mass balance calculations were conducted for each hydrogen
production process by following the defined process flow charts and calculation
boundaries presented in Publication IV. The starting point of the analysis was
the pre-defined hydrogen production capacity. The feedstock demand and the
emissions were calculated to correspond the hydrogen requirement. The amount
of reaction products from each process step was calculated based on the pre-
defined reaction conditions and reaction equations. The initial process values and
calculation assumptions with source references are comprehensively presented in
Publication IV. However, the key aspects of the analyses are summarized here.
In the TDM and TDMG processes, the TDM reaction in the RHER reactor
was simulated by utilizing the global TDM reaction mechanism with the opti-
mized parameters that were introduced in this work. The reactor dimensions
were calculated based on the feedstock volumetric flows and on the gas residence
time in the reactor that was required in order to achieve the pre-defined methane
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conversion. In the TDMG process, the gasification gas was fed into the WGS
reactor, where the conversion was selected so that CO content below 3% was
achieved after WGS and the gas composition was therefore suitable to be fed
into the PSA unit [17]. The TDM reactor both in TDM and TDMG process
was assumed as cylindrical reactor tube. The reactor diameter was selected as
1.5 m and the length of each reactor was calculated based on the required gas
residence time in the reactor. As a result, the reactor length was 12.4 m in the
TDM process and 4.4 m in the TDMG process.
In electrolysis, the electricity requirement was calculated using the specific
energy consumption defined for alkaline electrolyzers. Additionally, the oxygen
produced in the electrolysis corresponded to the hydrogen production. In SMR,
the product gas composition after reformer and WGS was calculated by taking
into account the major reaction equations (Eqs. 2.1–2.2). Additionally, these gas
compositions were confirmed to equal typical gas compositions in SMR presented
in [17]. The most important technical values in each process as well as the mass
balance analysis results are shown in Table 5.1. The other fuel gases in Table 5.1
refer to the furnace flue gas components other than CO2, i.e. nitrogen, water,
and oxygen.
Table 5.1: The mass balance results of the hydrogen production processes.
SS=small scale, LS=large scale, n/a=not applicable (Publication IV)
TDM-
SS
TDMG-
SS
Electrol.-
SS
SMR-
SS
SMR-
LS
SMR-
LS+CCS
Technical
values
Reactor temp. 1500 1500 n/a 1123 1123 1123 K
H2 production 1,000 1,000 1,000 1,000 100,000 100,000 Nm3 h-1
H2 purity 0.9995 0.9995 0.9980 0.9995 0.9995 0.9995 -
Mass balance,
input
CH4, feedstock 0.10 0.06 n/a 0.07 6.9 6.9 kg s-1
CH4, fuel 0.02 0.01 n/a 0.02 2.0 2.4 kg s-1
Air 0.30 0.35 n/a 0.73 73 81 kg s-1
Water n/a 0.09 0.22 0.12 12 12 kg s-1
TOTAL 0.41 0.52 0.22 0.94 94 102 kg s-1
Mass balance,
output
H2 0.02 0.02 0.02 0.02 2.5 2.5 kg s-1
Product carbon 0.07 0.01 n/a n/a n/a n/a kg s-1
O2 n/a n/a 0.20 n/a n/a n/a kg s-1
CO2, emitted 0.04 0.17 n/a 0.24 24 11 kg s-1
CO2, captured n/a n/a n/a n/a n/a 14 kg s-1
Other flue gases 0.27 0.32 n/a 0.67 67 74 kg s-1
TOTAL 0.41 0.52 0.22 0.94 94 102 kg s-1
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The external energy requirement in each process was calculated by taking
into account the demand for feedstock pre-heating, the reaction enthalpies, and
the defined conversion values at each process step. The process couplings for
the internal heat transfer and the PSA off-gas combustion in TDMG and SMR
reduced the external energy demand. The external heat requirement values and
the mass balance analysis results were utilized to define the operational costs in
each process.
5.3 Economic analysis
The economic analysis of the selected hydrogen production processes was based
on the technical analysis and cost data adopted from the literature. The capital
expenditure (CAPEX) evaluation for SMR and electrolysis was based on invest-
ment cost estimations for whole processes presented in the literature. Different
investment costs were assumed for the small-scale SMR and for the large-scale
SMR [1]. Accordingly, the electrolysis investment costs were assumed to be higher
in the current situation than in the future [28]. A cost range for the CO2 capture,
pressurization, transportation, and storage in the large-scale SMR was adopted
from the literature [109, 110]. The data regarding the investment costs of SMR
and electrolysis is presented in Table 1 in Publication IV.
In contrast, the CAPEX evaluation of the TDM and TDMG processes was
based on cost estimations for individual process components. The CAPEX of a
certain component (C2) with capacity S2 was estimated by using the equation:
C2 = C1
(
S2
S1
)e
(5.1)
where C1 is the CAPEX of a reference component with capacity S1 and e is
a scale factor that typically has values from 0.4 to 0.9 [111]. The accuracy of
the equation is ±50% and it allows preliminary CAPEX estimations. In order
to avoid underestimating the process costs, a contingency equaling 30% of the
equipment costs was added to the total investment cost of TDM and TDMG
processes. The CAPEX costs and the capacities of the reference components as
well as the scale factors utilized for the TDM and TDMG CAPEX estimations
are presented in Publication IV.
The overall CAPEX in each process was divided into annual CAPEX costs
by using the equation:
Annual CAPEX = CRF · Total capital cost (5.2)
where CRF (capital recovery factor) was defined as [112]
CRF = i(1 + i)
N
(1 + i)N − 1 (5.3)
where i is the interest rate (-), N is the investment period in years. An interest
rate of 10% and a 10-year investment period was chosen in this work.
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The operational expenditure (OPEX) was a sum of feedstock, power, and CO2
emission allowance costs as well as other operation and maintenance (O&M) costs.
The O&M costs were proportional to the CAPEX of a certain process component
or the whole process as presented in Publication IV. The Total annual costs for
each process were calculated as:
Total annual costs = Annual CAPEX+AnnualOPEX−Annual income (5.4)
where Annual income consisted of the market value of the products other than
hydrogen, i.e., the TDM product carbon and oxygen from electrolysis. The total
specific hydrogen production cost (EUR MWh-1) was achieved by dividing the
Total annual cost with the yearly hydrogen production capacity.
The hydrogen production costs were studied in the current market situation
and in possible market environments in 2030. First, the OPEX and CAPEX
in each hydrogen production process were calculated in the current market sit-
uation and the results are shown in Table 5.2. Natural gas cost was assumed
as 20 EUR MWh-1 [113] and electricity cost as 30 EUR MWh-1 [114]. Addi-
tionally, the CO2 emission allowance cost was defined as 10 EUR tCO2 -1, which
is slightly higher than the current market price (6 EUR tCO2 -1 [115]), but the
value was used to highlight the significance of the emissions. In contrast, a pes-
simistic value for the TDM product carbon (0 EUR tC-1) and oxygen from the
electrolysis (0 EUR tO2 -1) were selected to avoid overestimating the process in-
comes. However, a sensitivity analysis was conducted with oxygen values up to
70 EUR tO2 -1 (based on evaluations in [116,117]) and product carbon values up
to 300 EUR tC-1. Additionally, the costs of electricity and natural gas were varied
as a part of this sensitivity analysis.
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Table 5.2: The annual OPEX and the total CAPEX for the hydrogen produc-
tion processes in the current market situation. SS=small scale, LS=large scale
(Publication IV)
TDM-
SS
TDMG-
SS
Electrol.-
SS
SMR-
SS
SMR-
LS
SMR-
LS+CCS
OPEX
Methane 780 547 - 618 61,753 64,546 kEUR a-1
CO2 emis.
allow.
8 42 - 61 6,099 2,778 kEUR a-1
Electricity - 6 982 11 1,064 1,064 kEUR a-1
Other O&M 27 24 15 87 1,089 1,089 kEUR a-1
TOTAL
OPEX
815 620 997 776 70,004 97,662 kEUR a-1
CAPEX
Equipment 3,233 2,361 2,974 10,705 133,815 162,000 kEUR
Contingency
(30%)
970 708 - - - - kEUR
TOTAL
CAPEX
4,203 3,069 2,974 10,705 133,815 162,000 kEUR
Total H2
prod. cost
72.0 53.8 71.1 117.0 44.1 57.4 kEURMWh-1
Potential market environments in 2030 were analyzed by applying various
operational costs. The following cost values were used as a basis of the anal-
ysis: the CO2 emission allowance cost as 50 EUR tCO2 -1, natural gas cost as
40 EUR MWh-1, and electricity cost as 50 EUR MWh-1. The cost estimation for
natural gas was based on the market analyses of the U.S. Energy Information Ad-
ministration [118] and European Commission [119]. The CO2 emission allowance
and electricity cost estimations were based on expert opinions. Due to the in-
termittent nature of renewable power generation, a limited amount of renewable
electricity with an extremely low cost (10 EUR MWh-1–30 EUR MWh-1) was
assumed to be available for electrolysis. Finally, a sensitivity analysis for elec-
tricity and natural gas cost as well as TDM product carbon and oxygen value
was carried out.
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Chapter 6
Results and discussion
The structure of the research work conducted and presented in this thesis is
shown in Fig. 6.1. The work is divided into five consecutive steps where the
results from each step have been utilized in the sequential step. The existing data
in this work consists of the data presented in the literature and of the previous
research of this topic conducted at TUT. Prior to this work, Fager-Pintilä [120]
and Rajamäki [101] conducted TDM experiments with a small-scale test reactor
at TUT. The experimental work they carried out helped when designing the
test reactor build in this work. Additionally, the experimental studies presented
in the literature (compiled in Publication II) were utilized when planning the
experiments and selecting a suitable reaction mechanism for modeling purposes.
ExperimentsLiteraturesurvey Modeling
Component
level analysis
Market
analysis
Test reactor
design &
construction
Analysis
methods
Data
Carbon
analysis
37-step vs.
global
mechanism
Optimized
global kinetic
parameters
MATLAB
LOGESoft Design path
Reactor
dimensioning
Energy
requirement
Emissions
H2 production
cost by SMR &
electrolysis
Feasible
market
conditions for
TDM
Publ. III Publ. III Publ. IVPubl. I, IV
Existing data
Initial values
Publ. I, II
RESULTS
INPUTS/TOOLS
Fig. 6.1: The structure of the work. The numeric notation indicates the publica-
tion where the analysis and results are presented.
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The experimental data produced in this work was combined with mathe-
matical modeling to find a suitable reaction mechanism for describing the TDM
reaction (Publication III). Based on an extensive literature survey, a design path
(shown in Fig. 6.2) was created in order to assist the selection of the reaction,
reactor, and process parameters for a TDM application (Publication II). The
reactor design was conducted by following the design path and by applying the
experimental and modeling results achieved in this work. The reactor cost evalu-
ation was conducted by utilizing the cost estimations presented in Publication I.
Temperature
400-2200 °C
Catalyst
Metal, carbon, no
catalyst
Heat
source
Reactor
type
Residence
time
Product carbon
type
Reaction
heat
Process
design
Methane
conversion
Value of
the products
Fig. 6.2: The procedure for selecting the reaction, reactor, and process parameters
for a TDM application. (Publication II)
Next, process design was conducted by applying the results of the component
analysis. The last part of the work was a market analysis where the overall
costs of the designed hydrogen production processes were evaluated. Thus, the
market analysis exploits all the data and knowledge gained during the work.
As a result, the market conditions were TDM could be an economically feasible
hydrogen production technology in comparison with SMR and water electrolysis
were identified.
6.1 Experimental and modeling
The experiments with the test reactor provided both data for the TDM reac-
tion modeling studies and carbon samples for qualitative analysis. The elemental
composition of the carbon samples was studied with EDS. According to the re-
sults, the carbon content in all studied samples was 94-wt% at minimum. The
impurities in the samples were calcium, which most likely originated from the
ceramic bed material in the test reactor, as well as copper, tin, and silicon, which
derived from the sample holder, the grid, and the detector in the TEM analyzer.
The carbon analyses were conducted by studying whole beads of the bed
material on which the carbon had been accumulated. An example of the analyzed
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carbon samples is presented in Figs. 6.3 and 6.4. This carbon sample originates
from an experiment denoted as Case 16 whose test conditions are shown below
in Fig. 6.5 and presented more detailed in Publication III. The SEM images in
Fig. 6.3 present the surface structure of the product carbon sample. The image
with the lowest magnification shows that a carbon layer has been deposited on the
bed material surface and that the thickness of this layer varies. The images with
a higher magnification were taken from the area where the carbon layer thickness
was the highest. The carbon accumulations consist of spherical carbon particles
with a diameter well below 1µm. The spherical particles have formed aggregates
and those have further agglomerated. The tendency to form aggregates rather
than individual particles indicates a higher structure and better quality of the
carbon black [121].
200 nm10 µm
1 µm
Fig. 6.3: SEM image of the TDM carbon sample with selected magnifications. The
carbon sample originates from an experiment denoted as Case 16 in Table 4.1.
TEM images revealing the inner structure of the carbon accumulate in the
same sample are shown in Fig. 6.4. The image with the highest magnification
reveals a structure that is hypothesized to originate from the carbon particle
growth that has occurred by the formation of successive carbon layers as described
in Section 2.2.3.
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100 nm
20 nm
10 nm
Fig. 6.4: TEM image of the TDM carbon sample with selectedmagnifications. The
carbon sample originates from an experiment denoted as Case 16 in Table 4.1.
As in this work, Abánades et al. [83] studied the structure of the TDM product
carbon from their experiments and detected spherical carbon particles. For ex-
ample, in their study, a TDM experiment at the temperature of 1723 K produced
carbon with a particle diameter between 100 nm and 300 nm. In comparison, ap-
proximately the same particle size was achieved in this work, as shown in Fig. 6.3.
However, in this work, the test reactor nominal temperature during this specific
experimental case was a somewhat lower, 1323 K. In another experimental study,
TDM was powered by concentrated solar power at the reactor wall temperature
of 2073 K and the product was carbon black with a notably smaller particle size,
20 nm–40 nm [60].
As a part of the previous experimental research of TDM at TUT, the TDM
product carbon structure at the atomic level was analyzed [101]. The X-ray
diffraction analyses referred to that the product carbon had a crystalline struc-
ture. In a crystal structure, the atoms are arranged in a regular manner, whereas
the opposite is true for an amorphous structure, where the atoms have no orga-
nized locations [104]. Graphite is a highly crystalline structure whereas carbon
black consists of graphite platelets, but contrary to graphite, the platelets are
not precisely positioned with respect to successive layers. Thus, carbon black has
a graphitic crystalline structure which is intermediate between the crystalline
structure that is found in graphite and the disordered structure of non-graphitic
carbons. [32]
As described in Section 2.2.3, the particle size is important but not the
only factor defining the carbon black properties. The small particle size is pre-
ferred since it indicates good rubber properties and results in large surface area,
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which indicates good interfacing with other components in rubber. However, the
amount of carbon produced was not sufficiently large to reliably measure the
specific surface area of the carbon samples.
The reaction parameters for the global TDM reaction mechanism (Eqs. 3.1
and 3.2) were optimized based on the experiments of thermal non-catalytic TDM
at the reactor temperatures up to 1500 K. The results are shown in Table 6.1.
Table 6.1: The optimized reaction parameters for the global TDM reaction.
n/a=not applicable (Publication III)
forward unit backward unit
A 8.5708 · 1012 mol(1-n) (cm3)n s-1 1.1190 · 107 mol(1-m) (cm3)m s-1
Ea 337,120 J mol-1 243,160 J mol-1
n 1.123 - n/a n/a
m n/a n/a 0.9296 -
In the literature, the first studies of methane decomposition kinetics have fo-
cused on the initial stage of the reaction and the first order reaction has been
found suitable for describing the TDM reaction [40, 122–125]. The reaction pa-
rameters presented in the literature have been derived from the experiments
conducted at various environments at the temperatures of 995 K–1965 K and at
the pressures of 0.017 bar–12 bar. In these reaction conditions, the activation
energy values have ranged from 332,000 J mol-1 to 450,000 J mol-1. [40,122–125]
Later, the global reaction mechanism (CH4 → 2H2 +C) was studied in [61,126].
In these studies, the activation energy defined by Steinberg [126] was very low,
131,000 J mol-1. This activation energy is lower than in the previous studies and
lower than would have been expected in the environment where low temperatures
(973 K–1173 K) and high pressures (28.6 bar–56.8 bar) were applied. A hypoth-
esis provided by Plevan et al. [127] was that the TDM product carbon could
have catalyzed the reaction, and thus, increased the reaction rate resulting in
low activation energy. Most recently Rodat et al. [61] found an activation energy
of 370,000 Jmol-1 based on experiments at high temperature (1500 K–2300 K)
and low pressure (0.04 bar). In conclusion, a great variety of activation energies
for TDM were found in the literature. However, due to variations in the exper-
imental reaction environment in these studies, reaction parameters that could
predict all the experiments cannot be derived [127]. The reaction mechanism
in this work is close to first order kinetics and the activation energy is within
the range of values presented in the literature. The frequency factors shall be
compared only when the reaction mechanism is exactly equal. Therefore, the
reaction parameters introduced in this study are applicable only when exactly
the same reaction mechanism is utilized and the reaction environment is similar
to that in this work.
As an example, the experimental and modeling results for four studied cases
are presented in Fig. 6.5. The reaction environments of all studied cases are
presented in Table 4.1. The reactor temperature was measured during the ex-
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periments and fitted to time-dependent profile during the reactor modeling. The
methane conversion curves have been calculated using the global TDM reaction
mechanism with optimized reaction parameters. Case 43 and Case 34 provide
the examples of cases where the reactor nominal temperature was high whereas
Case 17 and Case 16 represent the experiments conducted at lower reactor max-
imum temperature. Due to the reaction parameter optimization procedure,
which minimized the absolute difference between the experimental and mod-
eled methane conversion, rather than the relative difference, the modeling values
followed better the experiments in the cases where the reactor temperature, and
consequently, the methane conversion was high.
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Fig. 6.5: Graphical presentation of four experimental cases. Reactor temperature
fit as a function of gas residence time as well as methane conversion in exper-
iments and calculated with the optimized global kinetics. The full case-specific
data is presented in Table 4.1. (Publication III)
The global reaction mechanism with the optimized reaction parameters was
found suitable for predicting the TDM experiments in this work. Additional com-
parison was conducted by using the experimental data of Plevan et al. [127], which
has been achieved in a flow-through reactor at reactor nominal temperatures of
1023 K–1173 K. The global mechanism was able to predict this experimental
data and especially good agreement was achieved at the two cases with lower
temperature as shown in Fig. 6.6. Additionally, a comparison was conducted be-
tween the global mechanism and the 37-step reaction mechanism adopted from
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the literature. The global TDM mechanism with the optimized reaction parame-
ters provided better agreement with the experiments in Fig. 6.6 than the 37-step
reaction mechanism. Similarly, the 37-step reaction mechanism predicted too
low methane conversion values when it was applied to simulate the experiments
carried out in this work (results are presented in Publication III).
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Fig. 6.6: The methane conversion values achieved with the global TDM mecha-
nism with reaction parameters optimized in this study (dotted lines) and with the
37-step mechanism of Ozalp et al. [94] (dash-dot lines) compared with experimen-
tal results of Plevan et al. [127] (marker symbols). (Publication III)
The 37-step mechanism was originally developed based on experiments where
the temperature was measured using a single measurement point and deriving the
whole reactor temperature profile from this value [93]. In other words, the 37-step
reaction mechanism was developed at the constant temperature of 1243 K which
was 30 K below the measured reactor maximum temperature. The hypothesis in
this work is that the lack of the exact environment definition during the experi-
ments causes the inability of the 37-step mechanism to predict the experimental
results presented both in this work and in the literature.
Furthermore, the solid carbon formation by the 37-step mechanism was stud-
ied in this work by utilizing reaction flow and sensitivity analyses (shown in
Publication III). Based on these analyses, a slight adjustment of the 37-step re-
action mechanism was proposed. The adjustment of the reaction parameters for
the reaction describing the solid carbon formation was found to improve the abil-
ity of the 37-step reaction mechanism to predict the experimental results in [128]
as discussed in Publication III.
Overall, the global mechanism with the optimized reaction parameters was
found suitable for describing TDM reaction in the reaction environment of RHER.
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RHER provides a non-catalytic environment where the residence time in the
reactor varies from several seconds up to 20 s and the reactor temperature is
up to 1500 K. Therefore, the global mechanism was chosen to predict the TDM
reaction in the further component and market level analyses.
6.2 Market analysis
The CAPEX and OPEX of the six evaluated hydrogen production processes are
shown in Fig. 6.7. The graph presents the costs in the current market situation
and with pessimistic market values for the TDM product carbon and oxygen
from electrolysis as defined previously in Section 5.3. According to the results in
Fig. 6.7, SMR is economically feasible technology for large-scale applications, and
in this case, the natural gas cost is the major parameter defining the hydrogen
production costs. On the contrary, SMR is significantly more expensive tech-
nology in a small scale than electrolysis or TDM. Electricity is the major cost
component in the electrolysis OPEX. As far as the hydrogen production costs
are concerned, TDM is not economically competitive with SMR in the current
market situation if the TDM product carbon has no commercial value as it is as-
sumed in Fig. 6.7. The assumption that the product carbon has no market value
could hold for example in a situation where TDM is utilized as a CCS method
and the product carbon is stored for long-term to eliminate the CO2 emissions.
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Fig. 6.7: The CAPEX and OPEX of the hydrogen production technologies in
the current market situation with the following operational cost values: natu-
ral gas cost 20 EUR MWh-1, electricity cost 30 EUR MWh-1, CO2 allowance
cost 10 EUR tCO2 -1, TDM product carbon value 0 EUR tC-1 and oxygen value
0 EUR tO2 -1. The error bars were calculated by considering the uncertainty in
the CAPEX estimations. SS=small scale, LS=large scale (Publication IV)
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The hydrogen production costs in each process were calculated in the current
market situation by taking into account operational cost ranges that were con-
sidered appropriate. The hydrogen production cost by TDM when the product
carbon value is 0 EUR tC-1 is presented as a dash dotted line in Fig. 6.8. The cost
difference between TDM and SMR (long dash line) decreases when the CO2 al-
lowance cost increases. However, even as high a value as 100 EUR tCO2 -1, does not
make TDM economically competitive in comparison with SMR, if the TDM prod-
uct carbon has no market value. Taking into account the TDM product carbon
value between 100 EUR tC-1 and 300 EUR tC-1, reduces the hydrogen production
cost notably. As an example, the hydrogen production cost by TDM is less than
by SMR when the CO2 allowance cost of 10 EUR tCO2 -1 and the TDM prod-
uct carbon value exceeds 310 EUR tC-1. Alternatively, the hydrogen production
costs by TDM with the product carbon value of 100 EUR tC-1–300 EUR tC-1are
within the same range as the cost by SMR coupled with CCS. The cost range for
SMR coupled with CCS (line pattern) takes into account the variations in the
CCS costs presented in the literature. Similarly, the hydrogen production cost
by TDMG (dash line in Fig. 6.8), where the TDM product carbon is gasified, is
within the same cost range than the cost by SMR coupled with CCS. Further-
more, Fig. 6.8 presents how the hydrogen production cost by electrolysis varies
between 71 EUR MWh-1 and 118 EUR MWh-1 when the electricity cost ranges
from 30 EUR MWh-1 to 60 EUR MWh-1. Thus, electrolysis is a more expensive
option for hydrogen production than TDM. Last, small-scale SMR provides the
highest hydrogen production costs among the studied processes in the current
market situation.
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Fig. 6.8: Hydrogen production costs with different technologies in the current
market situation with varying CO2 allowance cost. The selected OPEX values:
electricity cost 30 EUR MWh-1, natural gas cost 20 EUR MWh-1, oxygen value
0 EUR tO2 -1, and full load hours 7000 h a-1. Additionally, ranges for hydrogen
production costs are presented by taking into account the following cost factors:
electricity cost 30–60 EUR MWh-1 in electrolysis, TDM product carbon value
100–300 EUR tC-1, and CCS costs presented in the literature for SMR. (Publi-
cation IV)
A case representing the hydrogen production costs with different technologies
in potential future market environments in 2030 is depicted in Fig. 6.9. Here, the
hydrogen production costs are presented as a function of natural gas cost. The
hydrogen production cost by TDM is presented with a product carbon value of
0 EUR tC-1 (dash dotted line) and with a product carbon value ranging from
100 EUR tC-1 to 300 EUR tC-1 (grey area). A break even price for the TDM
product carbon was found as 280 EUR tC-1 above which TDM is economically
more feasible hydrogen production process than SMR when the natural gas cost
is assumed as 40 EUR MWh-1. Natural gas is used as feedstock both in SMR
and in TDM, and therefore, increasing the natural gas cost does not bring cost
benefits to TDM. The cost range for SMR coupled with CCS (line pattern) was
calculated by taking into account the variations in the CCS costs presented in the
literature. An alternative feedstock to the fossil natural gas could be synthetic
natural gas (SNG) or biomethane. The SNG production costs have predicted to
vary from 40 EUR MWh-1–390 EUR MWh-1 in the current market situation to
72 EUR MWh-1–218 EUR MWh-1 in the 2050 market situation depending on
the cost and availability of renewable electricity, oxygen value, and process heat
utilization [129]. The biomethane production cost is estimated as 70 EUR MWh-1
[129]. Due to the high production costs of SNG and biomethane, those are not
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economically competitive feedstock alternatives to natural gas unless the CO2
neutrality of these feedstocks would provide a competitive advantage.
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Fig. 6.9: Hydrogen production costs with different technologies in potential
market environments in 2030. The selected OPEX values: electricity cost
50 EUR MWh-1, CO2 allowance cost: 50 EUR tCO2 -1, oxygen value 0 EUR tO2 -1,
and full load hours 7000 h a-1. Additionally, ranges for hydrogen production costs
are presented by taking into account the following cost factors: electricity cost of
10–30 EUR MWh-1 in electrolysis with availability of 3000 h a-1, TDM product
carbon value of 100–300 EUR tC-1 , and CCS costs presented in the literature for
SMR. (Publication IV)
Electrolysis provides hydrogen with a low operational cost when inexpensive
electricity is available as is shown in Fig. 6.9. Renewable electricity is expected
to have a low cost, but the generation is fluctuating and this results in low
availability. The IEA has predicted low availability (3000 h a-1) for very low
cost renewable electricity [1] and this was taken into account in this work. Thus,
electrolysis is not a suitable technology in demand-driven applications unless
a hydrogen storage is implemented. In contrast to electrolysis, the feedstock
availability does not restrict the operation time of a TDM process, and therefore,
it enables demand-driven hydrogen production.
Another graph illustrating possible future (2030) market environments is
shown in Fig. 6.10. The graph highlights the effect of oxygen value on the
hydrogen production costs by electrolysis. Increasing the oxygen value up to
70 EUR tO2 -1, decreases the electrolytic hydrogen cost by 17 EUR MWhH2 -1.
The hydrogen production cost by TDM would be less than by electrolysis with
the product carbon value of 300 EUR tC-1 when assuming the electricity cost
above 55 EUR MWh-1 and a high oxygen value.
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Fig. 6.10: Hydrogen production costs with different technologies in potential
market environments in 2030. The selected OPEX values: natural gas cost
40 EUR MWh-1, CO2 allowance cost 50 EUR tCO2 -1, and full load hours
7000 h a-1. Additionally, ranges for hydrogen production costs are presented
by taking into account the following cost factors: TDM product carbon value of
100–300 EUR tC-1 and oxygen value of 0–70 EUR tO2 -1 in electrolysis. (Publi-
cation IV)
Centralized large-scale hydrogen production requires hydrogen transporta-
tion and distribution infrastructure but its costs were not taken into account
in Figs. 6.8–6.10. A transportation distance over 100 km have been estimated
to cause an additional cost of 45 EUR MWh-1 of hydrogen and distance below
50 km an additional cost of 22 EUR MWh-1 of hydrogen [130]. Furthermore,
hydrogen storage cost has been evaluated to equal 23 EUR MWh-1 of hydrogen
based on the natural gas storage costs in cavern storage [11]. When the hydrogen
transportation and storage costs are taken into account, the distributed hydrogen
production by TDM may turn into a less costly option than centralized hydrogen
production by SMR. Moreover, many countries have an existing natural gas net-
work, which would enable transporting natural gas to distribution points, where
hydrogen could be produced on-site by TDM.
In addition to the economic analysis, the specific CO2 emissions of hydrogen
production were calculated for each technology. According to the results, the
specific CO2 emissions of produced hydrogen in TDM are significantly lower than
in SMR, even though CCS is coupled to SMR (Table 6.2). The CO2 emissions
in SMR could be further reduced by capturing CO2 not only from the syngas,
but also from the furnace flue gas [131]. However, this would cause additional
costs. Producing hydrogen with zero CO2 emissions requires that renewable
electricity is utilized in electrolysis. According to the economic analysis, the
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hydrogen production costs by TDMG are within the same range as the costs
in the production by SMR coupled with CCS. However, the CO2 emissions in
TDMG process are significant. In order to reduce these emissions, TDMG should
be coupled with CCS. However, applying CCS to a small CO2 emissions source
is currently not economically feasible, and in order to improve the economics, the
process should be scaled up.
Table 6.2: The specific CO2 emissions of hydrogen production by different tech-
nologies. Electrolysis is assumed to be powered by CO2-free electricity. (Publica-
tion IV)
Process Emissions, kgCO2 MWhH2
-1
TDM 40
TDMG 203
SMR 293
SMR with CCS 133
Electrolysis 0
The most potential application for TDM is small-scale on-site hydrogen pro-
duction for distributed hydrogen demand. As a main benefit, TDM could pro-
vide remarkable CO2 emission reductions in hydrogen production. However,
this would require relevant applications for the TDM product carbon where a
sufficient price for the carbon can be assumed (approximately 300 EUR tC-1).
According to a rough estimation presented in Publication II, the current carbon
black demand would be met by producing 6% of the global hydrogen demand by
TDM. This simplified estimation reveals the fact that the extent of the carbon
utilization possibilities restricts the TDM application prospects.
An alternative large-scale application for the TDM product carbon discussed
in Publication II was replacing metallurgical coke, that is currently produced
from fossil coal. The global demand for metallurgical coke is 50-times that of
carbon black, and therefore, this could extend the TDM application possibilities
greatly. The price of metallurgical coke during the recent years has varied between
120 EUR tC-1 and 320 EUR tC-1 [73]. For example, when assuming an average
carbon value of 220 EUR tC-1, TDM would be less expensive than SMR when
the CO2 cost would be 42 EUR tCO2 -1. Replacing metallurgical coke with the
TDM product carbon would result in additional CO2 emission reductions since
the coke production from fossil coal would be avoided.
The break-even prices for the TDM carbon previously presented in the litera-
ture are in line with the results of this work. Competitiveness with SMR in hydro-
gen production has been reached with the TDM carbon value of 350 USD tC-1 [30].
In another study, a combination of TDM product carbon value of 200 USD tC-1
and a carbon tax of 78 USD tCO2 -1 was found sufficient to make TDM economi-
cally feasible in hydrogen production compared with SMR [86].
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6.3 Technology feasibility analysis
Further economic calculations were conducted in order to summarize all the re-
sults achieved in this work. The resulting illustration in Fig. 6.11 presents the
connection between the production capacities and hydrogen production costs in
each technology. The cost ranges were calculated for three technologies (TDM,
SMR, and water electrolysis) with suggested plant sizes and other technology
selections. The results are dependent on these assumptions and selections, and
therefore, Fig. 6.11 presents values that are highly case-specific. The parameters
that have the greatest effect on the costs in each technology were identified and
those parameters were altered within relevant ranges. The parameter ranges were
selected by taking into account the technical limitations and considering the prob-
ability of different market conditions. The chart does not take into consideration
the hydrogen transportation costs.
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Fig. 6.11: Vision of the production costs and applicable volumes in hydro-
gen production by TDM, SMR, and electrolysis with suggested technical val-
ues. The key points explain the economic conditions where the lowest (TDM
and electrolysis) and highest (large-scale SMR) hydrogen production costs are
achieved. Variable ranges: natural gas cost 20–40EURMWh-1; CO2 al-
lowance cost 10–100EUR tCO2 -1; full load hours 8000 h a-1 (SMR and TDM)
and 3000–8000 h a-1 (electrolysis); electricity cost 30–60EURMWh-1 (SMR
and TDM) and 10–60EURMWh-1 (electrolysis); oxygen value 0–70EUR tO2 -1;
methane conversion in TDM 0.7; TDM product carbon value 0–500EUR tC-1
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The current cost of hydrogen production by SMR was found as 42 EURMWh-1,
which equals the cost presented in [132], and it is hard to the other technologies
to compete with that in the current market situation. The natural gas cost is
the major parameter affecting the hydrogen production costs by SMR, whereas
the CO2 emission allowance cost has a minor effect. When the CO2 emission al-
lowance cost increases, coupling CCS to SMR becomes economically feasible. As
a result, the hydrogen production cost by SMR is up to 102 EUR MWh-1 when
assuming a CCS coupling and high natural gas cost (Key point 2 in Fig. 6.11).
The electrolyzer technology is currently available only in a small scale and more
development is required in order to reduce the costs of this technology. Inexpen-
sive renewable electricity enables producing hydrogen at low cost by electrolysis
(Key point 1 in Fig. 6.11). However, the availability of this electricity is expected
to be limited in the coming decades. The cost uncertainty in TDM is high and
it is mainly originating from the uncertainty in the product carbon value. An
extremely low hydrogen production cost by TDM is achieved when a product
carbon value of 500 EUR tC-1 is assumed (Key point 3 in Fig. 6.11).
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Chapter 7
Summary and conclusions
The objective of this work was to develop TDM technology by providing tools
assisting the TDM reactor and process design as well as to evaluate the technical
and economic possibilities to produce hydrogen by TDM. The technology devel-
opment in this work began with the experimental research of the TDM reaction
which was combined with mathematical modeling. The TDM reactor modeling
was an essential part of the process design of the potential commercial scale TDM
applications. Moreover, the economic feasibility of hydrogen production by these
TDM processes was evaluated and a cost comparison was carried out between
the TDM processes and two other hydrogen production technologies, i.e., SMR
and water electrolysis.
The experimental setup was particularly designed for this work. The test
reactor enabled producing a great amount of individual measurements where the
reaction environment during the experiments was accurately defined. The exact
reaction environment definition is a necessity for the reaction kinetics studies.
For example, assuming too high a temperature in kinetics modeling, results in
too high activation energy, and consequently, the reaction rate will be too low. A
global TDM reaction mechanism with the reaction parameters optimized in this
work was found suitable for describing non-catalytic TDM at the temperatures
below 1500 K. The global TDM reaction mechanism was applied for the design
of a novel reactor concept for TDM presented in this work, the RHER reactor.
A design path assisting the selection of the reaction, reactor, and process
parameters for a commercial scale TDM application was outlined in this work.
The design path was followed when process design of potential commercial scale
TDM applications was carried out. The process cost analysis was based on the
cost of similar process components found in the process industry. In the economic
analysis, the product carbon was identified as the key competitive advantage
of TDM. Additionally, the minimum value for the TDM product carbon was
found as 310 EUR tC-1 in the current market situation and 280 EUR tC-1 in
a potential market situation of 2030 above which the hydrogen production by
TDM becomes economically more feasible than by SMR. These values are below
the current market value of carbon black used in rubber industry. However,
the carbon black demand is limited, and thus, it may provide an application
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only for a limited amount of TDM product carbon. Alternatively, replacing
metallurgical coke in steel production could provide a large-scale application for
the TDM product carbon. In order to reduce the uncertainty related to the
carbon utilization possibilities and value, an alternative process coupling where
the TDM product carbon was gasified in order to produce more hydrogen was
introduced in this work. This process was found economically viable at the TDM
product carbon values below 230 EUR tC-1, but the drawback of the process are
the CO2 emissions originating from the product carbon gasification.
In this work, TDM was found as a suitable technology for small or medium
industrial scale hydrogen production that occurs on-site. In comparison to cen-
tralized production, distributed hydrogen production minimizes the need for hy-
drogen transportation. Furthermore, the CO2 emissions in hydrogen production
by TDM are low and the technology would benefit from the existing natural gas
network. The good feedstock availability would enable demand-driven hydrogen
production by TDM whereas hydrogen production by electrolysis is dependent
on the renewable electricity generation. Thus, TDM could be utilized to promote
the hydrogen economy and to develop the hydrogen infrastructure while the re-
newable electricity capacity increases to a level that is required for extensive
hydrogen production by electrolysis.
To summarize, the main contributions of this thesis are:
• Presenting optimized reaction parameters for a global reaction mechanism
describing non-catalytic TDM at temperatures up to 1500 K to be utilized
in the TDM reactor design.
• Designing and analyzing process concepts for commercial scale TDM ap-
plications and presenting the process cost evaluations.
• Outlining a design path assisting the selection of the reaction, reactor, and
process parameters for a commercial scale TDM application.
• Determining the market conditions where TDM would be an economically
viable method for hydrogen production in comparison with SMR and water
electrolysis.
• Identifying the carbon product as a key competitive advantage of TDM
and calculating an economic feasibility limit for the TDM carbon value as
280-310 EUR per tonne.
• Showing that the most suitable application for TDM is in small or medium
industrial scale on-site hydrogen production where the current natural gas
network would be exploited and the demand for hydrogen transportation
would be minimized.
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Chapter 8
Future work
In the beginning of the 20th century, the TDM technology was applied in a com-
mercial scale in rubber industry, but was replaced by a more efficient oil-furnace
process. Later, the environmental concerns related to the current fossil-based
economy have resulted in renewed interest towards the technology. Due to the
extensive scientific research conducted during the preceding decades, the TDM
phenomena and the TDM reaction fundamentals are carefully identified. More
recently, possible technology concepts have been outlined and the technology
has even been piloted. In order to contribute to the previous knowledge in this
field, reactor technology development and feasibility analysis was carried out in
this work. The next stage in the technology commercialization process would be
technology demonstration in a relevant environment.
The major issues that could advance the TDM technology implementation
include creating a sufficiently large market for the product carbon and tightening
the CO2 emission regulations. Commercial applications for the product carbon
would increase the interest towards TDM. Furthermore, the TDM product carbon
value appeared to cause the largest uncertainty when the TDM process costs
or application possibilities were evaluated. The TDM technology demonstration
would provide knowledge about the quality and homogeneity of the TDM product
carbon from a continuous process, which is needed in order to identify the actual
carbon applications. Tighter emission regulations would increase the interest
towards new technologies and decrease the gap in economic feasibility in hydrogen
production between TDM and the current production by SMR.
Regarding the RHER reactor technology development, the bed material cir-
culation in the reactor and the carbon separation from the bed material were
considered in this work on a speculative level. Therefore, these issues remain to
be experimentally verified. These issues are the most important factors affecting
the scalability of the RHER reactor that are not fully understood. Similarly, the
TDM product carbon gasification shall be experimentally studied. Furthermore,
using the TDM product carbon as a supercapacitor material arose in this work
as a high-value application for a limited amount of carbon. Supercapacitor is an
electronic component suitable for short-term electricity storage. Thus, the elec-
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trical properties of the TDM product carbon shall be studied in order to evaluate
its suitability for this application.
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This paper presents a techno-economic analysis of four concepts that apply the thermal decomposition of
methane (TDM) with the aim of reducing carbon dioxide emissions in natural gas combustion. Different
technical solutions are applied to convert methane in natural gas to gaseous hydrogen, which is com-
busted to produce electricity with a steam power cycle, and solid carbon, which is assumed to be sold
as carbon black. The cost of electricity production and the potential to reduce CO2 emissions in each con-
cept were evaluated and compared to the reference case of direct methane combustion. With a moderate
emission allowance price ð20 €=tCO2 Þ and product carbon price ð500 €=tcarbonÞ the cost of electricity pro-
duction in the concepts was 12–58% higher than in the reference case. However, the price of product car-
bon had a significant effect on the feasibility of the concepts. Thus, the methane burner, which showed
the best performance, produced 17% less CO2 emissions per MWhe and had a smaller cost of electricity
production than the reference case already with the carbon price of 600—700 €=tcarbon.
 2015 Elsevier Ltd. All rights reserved.
1. Introduction
According to the estimates given by the International Energy
Agency, global gas demand will grow from 3:4 trillion m3 in 2012
to 5:4 trillion m3 in 2040 [1]. This is partly because replacing coal
with natural gas in power production is seen as attractive due to
the lower carbon dioxide ðCO2Þ emissions of the latter. However,
the regulation of CO2 emissions is becoming stricter as, for exam-
ple, the European Union has set a target of a 40% reduction in
greenhouse gas emissions by 2030 compared to the levels in
1990 [2]. Consequently, the CO2 emissions has to be reduced also
in the use of natural gas [3,4].
The thermal decomposition of methane (TDM) is an endother-
mic reaction where methane is thermally converted to solid car-
bon, gaseous hydrogen, and traces of higher hydrocarbons. Eq.
(1) presents a simplified reaction equation of TDM [5].
CH4 ! Cþ 2H2 DH0r ¼ þ76 kJ=molCH4 ð1Þ
The equilibrium curve of TDM reaction presented, for example,
in [6] shows that the degree of methane conversion increases with
temperature. However, temperatures above 1200 C are required
to achieve a nearly complete conversion when no catalyst is
applied. Li et al. [7] have further presented that increasing pressure
has a negative effect on the TDM reaction. Catalysts can be applied
to reduce the reaction temperature. This is a process called cat-
alytic decomposition of methane (CDM). The properties of catalysts
applied and the results achieved in CDM have been extensively
summarized in reviews [8,9].
Muradov [5] almost two decades ago presented a conceptual
idea to utilize TDM for the on-site production of hydrogen/
methane blends from natural gas. According to the presented anal-
ysis, the TDM process consumes 1.7 times more methane in hydro-
gen production than steam reforming. However, steam reforming
produces 5 times more CO2 emissions than TDM, and thus TDM
was seen as the most potential process for fossil fuel-based pro-
duction of hydrogen without CO2 emissions. Later, Muradov and
Vezirog˘lu [10] presented hydrogen production based on TDM as
a transitional period solution before shifting to a renewable-
based hydrogen economy in the future. The key challenge of
TDM was stated to be the enormous amount of solid carbon pro-
duced. Three potential end uses for large amount of carbon were
presented: material for building and construction, electricity pro-
duction by direct carbon fuel cells, and soil amendment.
TDM concept can be considered as an alternative technology for
carbon capture and storage (CCS) in natural gas combustion. Com-
pared to the conventional pre-combustion CCS technology that
requires several process steps TDM could be a simpler process,
and furthermore solid carbon from TDM can be a valuable product
http://dx.doi.org/10.1016/j.enconman.2015.11.057
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instead of gaseous CO2, which is in most cases an unwanted pro-
duct [11,12]. Furthermore, carbon capture in solid form in TDM
prevents many of the problems related to the transportation and
storage of gaseous CO2 such as risk of CO2 leakage or migration
in sediments, which could have serious consequences for the envi-
ronment and human beings [13–16].
An extensive amount of studies [17–23] that include either or
both technical and economic analyses related to the pre-
combustion carbon capture from natural gas are found in the liter-
ature, and the most relevant results are briefly summarized. Kan-
niche et al. [17] conducted a techno-economic study for different
CCS technologies that are applied to pulverized coal combustion,
integrated gasification combined cycle, and natural gas combined
cycle (NGCC). Kanniche et al. stated that pre-combustion capture
by the reforming of natural gas is fairly expensive compared to
other CCS methods and it should be used rather in the production
of hydrogen than in energy production. Lozza and Chiesa [22,23]
conducted an economic analysis of pre-combustion capture tech-
nology where partial oxidation (PO) is combined with a NGCC
and these costs compared to those of post-combustion carbon cap-
ture from NGCC. According to the results, adding the PO process to
NGCC increased the relative investment cost ($/kW) by 40–59%,
increased the cost of electricity by 36–43%, and resulted in a cost
of avoided CO2 as 39–46$/tCO2 . with 90% CO2 capture. Manzolini
et al. [24] studied the cost of pre-combustion CO2 capture based
on pressure swing adsorption (PSA) in a natural gas combined
cycle. According to the results, the presented pre-combustion pro-
cess based on PSA increased the specific electricity production
costs by 33–36% compared to NGCC without CO2 capture. With a
conventional pre-combustion capture based on methyldiethanola-
mine (MDEA) the increase was stated to be 38%.
One of the rare economic analyses of TDM was presented in a
study by Triphob et al. [25], in which the hydrogen produced by
TDMwas utilized in a fuel cell. They presented the costs of electric-
ity production with a solid oxide fuel cell (SOFC) when the hydro-
gen was produced alternatively with methane steam reforming or
with TDM. An important benefit of TDM is the absence of COx in
the product hydrogen, which extends the lifetime of SOFC. How-
ever, the solid carbon particles from TDM can be harmful to SOFC.
As a conclusion, Triphob et al. stated that TDM provides technical
advantages over, and is an economically more feasible method
than methane steam reforming when producing hydrogen for
SOFC. This is partly because TDM produces carbon, which was
assumed to be a valuable by-product, whereas methane steam
reforming produces undesired CO2 emissions.
There is a very limited amount of research presented in the lit-
erature that further discusses the conceptual idea of TDM as a pre-
combustion capture technology. Therefore, the techno-economic
analysis presented in this paper produces valuable information.
TDM can be applied to produce hydrogen for purposes other than
on direct power production, such as upgrading biofuels or for other
chemical processes, but this option is not further evaluated in this
study. The theoretical background of TDM reaction and carbon
black as well as the technical descriptions of the four concepts
are given in Section 2. The assumptions and the basis of the
techno-economic analysis are presented in Section 3. The results
of the technical analysis, including the mass and energy balances,
and economic analysis, including the investment and operational
costs, are presented and discussed in Section 4. The discussion
focuses on the cost of electricity production and the cost of avoided
CO2 emissions in each concept. Furthermore, sensibility analysis
has been conducted to better understand the effect of product car-
bon price, operation time, and degree of methane conversion on
the feasibility of the concepts. Section 5 concludes the results of
this study and presents recommendations for further research.
The technical solutions chosen in this study represent the currently
available technology. All assumptions and input values of the eval-
uations are based on literature data, product information, expert
opinions, and analysis by the authors.
2. Theory and concepts
2.1. Carbon black
Carbon black is a generic term for materials that are mainly
composed of elemental carbon and have extremely small particle
size and high surface area. Currently, carbon black is mainly pro-
duced from heavy oil by the oil-furnace process. The reaction tem-
perature is 1400–1800 C and the heat is provided by the partial
combustion of aromatic oils in the feedstock. A less frequently
applied process is the thermal black process (temperature require-
ment around 1300 C) in which thermal decomposition of natural
gas is applied to produce so-called thermal black. Thermal black
is used in various rubber and plastic applications [26].
The production cost of carbon black is dominated by the feed-
stock cost, whereas the value of carbon black is highly dependent
on its morphology. Public data about the present prices of carbon
black is not widely available, and therefore, rough estimations
based on the expertise of the authors are utilized in this study.
According to a commercial source [27], the price of carbon black
with special quality may vary from 3300 to 4000 €/tcarbon and with
standard quality from 2300 to 3000 €/tcarbon. The price of thermal
black is estimated to vary between 500 and 1400 €/tcarbon. The price
of the product carbon in this study was chosen to be equal with the
smallest price of thermal black, 500 €/tcarbon, in the scale given in
[27], The smallest price in the scale varying from 500 to
1400 €/tcarbon was chosen to avoid overestimating the value of the
product carbon. The amount of produced carbon in the concepts
is calculated from the reaction equations of TDM, which are pre-
sented in Eqs. (2) and (5).
2.1.1. Environmental and health effects of carbon black
The main idea of TDM concept is to decrease the CO2 emissions
to the atmosphere and produce valuable solid carbon instead.
However, the product carbon may have negative effects on envi-
ronment and humans. These effects are shortly summarized here
and more detailed information can be found in the references.
Nanoparticles have a representative dimension such as diame-
ter of a particle or diameter of a fiber is less than 100 nm. In carbon
black, the aggregate dimensions vary from tens to a few hundred
nanometers. The nanoparticles have a high tendency to agglomer-
ate and the carbon black agglomerates typically have a diameter
less than 2 mm. Thus, carbon black occur both as nanoparticles
and as fine particles, which are defined as particles with a diameter
less than 2.5 lm [28].
The International Agency for Research and Cancer has defined
carbon black as ‘‘possibly carcinogenic to humans”. The primary
industrial exposure to carbon black occurs in the carbon black pro-
duction industry. In atmosphere, the effects of carbon black parti-
cles are the same as fine particles in general. For humans, fine
particles cause different lung and heart diseases. The fine particles
may reduce the visibility of air. However, as carbon black is not sol-
uble in water, it will eventually end up in sediments and soil. Car-
bon black is not degradable, and therefore it is persistent in the
environment. However, carbon black does not bioaccumulate and
the potential of being toxic to aquatic organisms is low [28–31].
2.2. Reaction equations
The overall one-step reaction equations of TDM in the concepts
are presented in this section. The heat demand of TDM reaction
and reaction products in each concept are calculated based on
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the equations. The required heat demand of TDM reaction is pro-
duced by partial combustion or by an external heat source. The
technological implementation and the process flow charts of the
concepts are presented in Section 2.3.
2.2.1. Concept 1 – partial combustion
In Concept 1, a part of the input methane is combusted to pro-
duce the heat demand of TDM reaction of the remaining methane.
The overall reaction equation combines the methane combustion
and TDM as is shown in Eq. (2).
CH4 þ 2yðO2 þ 3:77N2Þ ! aðCþ 2H2Þ þ ð1 a yÞCH4
þ yðCO2 þ 2H2Oþ 7:52N2Þ ð2Þ
The degree of methane conversion, i.e., the molar fraction of
decomposed methane, is denoted by a. The degree of methane con-
version depends on the reaction conditions, such as temperature
and reaction time. Thus, the achieved degree of methane conver-
sion is dependent on the selection of reactor parameters such as
dimensions, volumetric gas flow, and temperature. Eq. (2) repre-
sents the overall reaction equation that occurs in combustion
and quench chamber shown in Fig. 1.
Heat of conversion (Q) is the total energy requirement of the
conversion process in the concepts. In Concept 1 the heat of con-
version is the sum of the required reaction enthalpy ðDHrÞ and
the sensible heat of air and methane:
Q ¼ _NCH4 cp;CH4 MCH4DTCH4 þ a  _NCH4DHr þ _Nair cp;air MairDTair ; ð3Þ
where _NCH4 is the molar flow rate of input methane, cp;CH4 the speci-
fic heat capacity of methane, MCH4 the molar mass of methane, and
DTCH4 the difference between the reaction temperature and the
temperature of the preheated methane stream, _Nair the molar flow
rate of input air, cp;air the specific heat capacity of air,Mair the molar
mass of air, and DTair the difference between the reaction tempera-
ture and the temperature of the preheated air stream. The reaction
enthalpy DHr depends on the reaction temperature, and the values
applied in this study are adapted from [32].
The mass flow rate of methane which is combusted to supply
the energy demand in Concept 1 ð _mcomb:;CH4 Þ is calculated according
to the following equation:
_mcomb:;CH4 ¼
Q
LHVCH4
; ð4Þ
where LHVCH4 is the lower heating value of methane. The overall air
factor denoted by y in Eq. (2) is defined as the ratio of molar air flow
rate ð _NairÞ to the molar air flow rate that would be needed to achieve
the stoichiometric combustion of input methane. The air factor y is
iteratively determined using Eqs. (3) and (4) so that the heat from
the partial combustion of input methane equals the heat of
conversion.
2.2.2. Concepts 2–4 – thermal decomposition
In Concepts 2–4, where no air or oxygen is introduced in the
conversion reaction, methane reacts according to Eq. (5). This reac-
tion equation is modified from Eq. (1) by defining the conversion
degree a as the molar fraction of decomposed methane.
CH4 ! aðCþ 2H2Þ þ ð1 aÞCH4 ð5Þ
The methane conversion degree is denoted by a similarly as in
Concept 1. The TDM reaction occurs according to Eq. (5) in TDM
reactors in Figs. 2 and 4. Furthermore, the same reaction occurs
in the CDM reactor shown in Fig. 3.
For Concepts 2–3 the heat of conversion ðQÞ, is the sum of sen-
sible heat and reaction enthalpy ðDHrÞ:
Q ¼ _NCH4cp;CH4MCH4DTCH4 þ a  _NCH4DHr ; ð6Þ
where the terms are defined similarly as in Eq. (3). For Concept 4,
the heat of conversion ðQÞ also includes the sensible heat of the
bed material stream:
Q ¼ _NCH4cp;CH4MCH4DTCH4 þ _Nbedcp;bedMbedDTbed þ a  _NCH4DHr; ð7Þ
where _NCH4 is the molar flow rate of input methane, cp;CH4 the speci-
fic heat capacity of methane, MCH4 the molar mass of methane, and
DTCH4 the difference between the reaction temperature and the
temperature of the preheated methane stream.
2.3. Concept descriptions
The four TDM concepts analyzed in this study are presented in
more detailed in this section. In all the concepts methane and other
fluids are internally preheated prior to the reactor in order to min-
imize the heat from additional sources. The internal heat transfer
from the product gas and product carbon of TDM reaction to the
input gas streams is conducted by a closed cooling water (CCW).
The additional heating that is required after preheating is produced
by partial oxidation (Concept 1) or electricity (Concept 2 and 4).
Solid carriers are utilized for heating in Concepts 3 and 4.
2.3.1. Methane burner
Concept 1 is based on the partial oxidation of methane that pro-
vides the heat of conversion. Since adding a catalyst to a burner is
extremely challenging, non-catalytic thermal decomposition is
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Fig. 1. Process diagram of Concept 1.
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Fig. 2. Process diagram of Concept 2.
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applied in this concept. The degree of methane conversion that can
be achieved is highly dependent on the burner geometry. Increas-
ing the reaction time by lengthening the reaction zone increases
the reaction time and further enables higher methane conversion
degrees.
The methane burner process may have two possible practical
arrangements. In the first option, the partial oxidation and the
TDM reaction occur at the same time in a burner. In the second
option, part of the methane is combusted separately in a burner
and the flue gas is introduced to an insulated quench chamber
where the TDM reaction occurs. The latter configuration was cho-
sen as the basis of Concept 1.
The total methane flow that is combusted was chosen to be
divided into four parallel burners in order to achieve convenient
burner dimensions. The dimensions of the reaction chambers and
burners were chosen based on the gas velocity and the residence
time in the reactor. The TDM reaction occurs at atmospheric pres-
sure. A process flow diagram of Concept 1 is shown in Fig. 1. For
simplicity the combustion and the quench are shown as two sepa-
rate processes in the figure.
The product carbon is separated from the product gas with a
cyclone and a filter. Besides the heat transfer from the product
gas and carbon to the input streams, the products have to be fur-
ther cooled down to achieve a suitable temperature for conven-
tional fabric filters.
2.3.2. Power-to-carbon
In the power-to-carbon concept, electricity is used to provide
the heat of conversion. The TDM reactor in Concept 2 can be pow-
ered with electrical heating elements or alternatively with a
plasma torch. The heat of conversion can be provided by utilizing,
for example, heating elements based on materials such as silicon-
carbides (SiC) or molybdenum-disilicates ðMoSi2Þ. These materials
can typically handle temperature ranges up to 1300–1600 C.
Applying a plasma torch enables the utilization of a high tem-
perature range (1200–2200 C) resulting in high degrees of
methane conversion and high purity of product gas. The product
carbon properties and quality can be modified by adjusting the
temperature of the plasma torch. According to the computational
model presented by [33] the temperature should be restricted
below 2200 C to prevent the production of a significant amount
of harmful C2H2 and C2H radicals.
Concept 2 is illustrated in Fig. 2. Electrical heating elements
were chosen to provide the heat of conversion in Concept 2. The
input methane is preheated by hot product gas before being fed
to the reaction chamber. The reaction chamber is refractory-lined
from inside and is operated at atmospheric pressure. The product
carbon is separated from the product gas with a cyclone and a fab-
ric filter. The product gas is cooled down to a temperature suitable
for fabric filters. The product carbon is cooled to a temperature that
is below its self-ignition temperature before being exposed to air.
2.3.3. Catalytic fluidized bed
The catalytic fluidized bed reactor concept is highly similar to
existing technology applied in the petroleum refining industry
[34]. Concept 3 applies the catalytic decomposition of methane
(CDM), and therefore the process can be conducted at typical flu-
idized bed reaction temperatures (750–950 C).
The fluidizing agent in Concept 3 is methane. The catalyst is
mixed with bed material (sand) which also acts as a heat carrier
to provide the heat needed in the TDM reaction. Adding the cata-
lyst to the fluidized bed enables a large reactive surface area
between the catalyst and methane. The drawback of this concept
is that the product carbon contains catalyst particles as an impu-
rity. Furthermore, regeneration of the catalyst is required. The cat-
alyst regeneration is conducted by circulating bed material to the
regeneration reactor. Additionally, a part of the product carbon is
combusted is the regeneration reactor to heat up the bed material.
In order to enable a more efficient capture of the resulting CO2
stream, oxy-combustion is applied in the regeneration reactor.
Oxygen is produced in an air separation unit (ASU). A part of the
flue gas it is circulated back to the regeneration reactor in order
to decrease the oxy-combustion temperature to a suitable level.
The rest of the CO2 is captured and compressed to a suitable pres-
sure level (110 bar) for storage [35].
The process diagram of Concept 3 is illustrated in Fig. 3. The
reactor type in Concept 3 is a cylinder shaped fluidized bed reactor
with a cyclone for the separation of carbon from the product gas
stream. The reactor is refractory-lined from inside. Methane is pre-
heated with hot product gas before it enters the reaction chamber.
The product gas is further cooled to a temperature that is suitable
for fabric filtering.
2.3.4. Regenerative heat exchanger
The regenerative heat exchanger reactor (RHER) operates as a
counter-flow heat exchanger between methane (flowing upwards)
and bed material (flowing downwards). Therefore, the preheating
of the input flow occurs inside the reactor. The reactor type is a
refractory-lined cylinder and the bed material is chosen based on
its capacity to transfer heat to and from the gases. The reactor tube
is divided into three zones: the reaction zone in the middle, where
the TDM reaction occurs; the upper zone, where the incoming bed
material receives heat from the generated product gas; and lower
zone, where the incoming methane stream receives heat from the
bed material stream. Thus, the bed material acts both as a pre-
heater for the methane and as a cooler for the product gas. An
external heat source is introduced in the reaction zone to provide
the heat of conversion. Heat to the reactor can be produced in sev-
eral ways, e.g., natural gas combustion or electrical heating ele-
ments. In this study, electric heating was chosen and the heating
elements were placed near the inner surface of the reactor. The
heat transfer in the reactor is further analyzed in Section 3.2.
The process diagram of Concept 4 is shown in Fig. 4. Part of the
product carbon accumulates on the surface of the bed material. The
bed material is constantly flowing downwards, and thus the pro-
duct carbon can be removed from the reactor. In a commercial
scale reactor, after the carbon extraction the bed material is circu-
lated back to the reactor by lifting the bed material up either
mechanically or pneumatically. The particle size and the material
of the bed material can be chosen so that the heat transfer in the
reactor and carbon removal are optimized. Part of the solid carbon
is extracted by filtering the product gas.
Bed material
CO2
O2
Regeneration
reactor
CDM
Fabric filter
Methane
Preheat
Electricity
Preheat
Carbon
Air
ASU
Cooling
Product carbonCooling
N2
Cooling
Product gas
Cooling
Compression unit
Fluidized bed reactor
System boundary for mass and energy balance calculations
Fig. 3. Process diagram of Concept 3.
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3. Techno-economic analysis
The calculation basis and the assumptions made in the analysis
are presented in this section. The analysis presented in this paper is
the preliminary evaluation of the feasibility of these concepts.
Therefore, some input data is still uncertain as it is taken from
the literature or is based on assumptions made by the authors.
The methodology used in the techno-economic analysis is illus-
trated in Fig. 5.
3.1. Calculation basis
The technical solutions chosen in this study represent the cur-
rently available technology. In all the concepts, the product gas is
combusted after TDM in order to produce electricity with a steam
power cycle. It might also be possible to adjoin the TDM pro-
cesses to an existing power or heat boiler. The possible end use
of the product gas in a gas turbine is not considered in this paper
since the amount of hydrogen that the current gas turbines can
handle is limited and also the solid carbon in the product gas
might cause special requirements for the gas turbine [11]. Since
the focus in the study is to reduce CO2 emissions, the purity in
terms of hydrogen content in the resulting product gas was not
of interest.
In this study, the produced carbon is assumed to be sold in the
carbon black market with a price of 500 €=tcarbon. The effect of
product carbon price on the feasibility of the concepts was studied
with a sensibility analysis.
The reference case in this study is the direct combustion of
natural gas, which is for the sake of clarity replaced with methane
in all calculations, to produce electricity with a steam power
cycle. The reference plant is assumed to be an operating plant
which still has operation time left and whose investment costs
have been paid back already. The fuel input in the reference case
is 150 MW, which is equal with the concepts. The efficiency of the
electricity production in the reference case is 30%, the same as in
all concepts, and no CCS is applied. Thus, the electricity produc-
tion cost includes the cost of emission allowances (a moderate
value of 20 €=tCO2 assumed). It was decided that the product gas
would be utilized to produce only electricity, and not, for exam-
ple, additional heat. As the efficiency of the electricity production
is rather low, the cost of electricity production in the reference
case is 163 €=MWhe which is considerably higher than the 10-
year average Nord Pool system price ð40 €=MWheÞ [36]. However,
despite the high absolute costs of electricity production, it is pos-
sible to compare the concepts to the reference case in relative
terms.
It is important to note that the results achieved in this study are
not general as those highly depend on the assumptions made in
the analysis. However, the results can be used to compare the four
different TDM concepts with each other.
3.2. Technical assumptions
The main assumptions of the concepts are summarized in
Table 1. All the concepts have a fuel input of 150 MW and for the
sake of clarity, all the calculations are conducted for methane, as
natural gas contains between 70% and 98% methane, depending
on its origin [37,38]. The product gas is assumed to be a mixture
of hydrogen and unreacted methane that contains solid carbon
particles. In Concept 1, the combustion products (N2; H2O, and
CO2) are also present in the gas mixture due to the partial oxida-
tion that is used to provide the heat of conversion. It is assumed
that in this case the combustion produces CO2, and thus no CO is
present.
The reactor temperatures were selected based on the literature
values summarized in [10]. The degree of methane conversion and
reaction time in each concept were selected based on experimental
research and calculations conducted at Tampere University of
Technology. The degree of methane conversion as a function of
temperature and residence time has been experimentally studied
and the results have been used to determine the reactor dimen-
sions in each concept. Heat losses for the concepts were assumed
according to typical levels in similar thermal conversion chambers
with an emphasis on reaction temperature and reactor surface
area. The heat losses in all the concepts were assumed to be 1.0–
2.0% of the fuel input.
Methane and air are assumed to enter the system at a temper-
ature of 25 C. Due to the poor heat transfer coefficient factors in
gas-to-gas heat transfer, the chosen temperature differences
between heating streams are kept at a moderate level (logarithmic
temperature differences of 400–750 C) in order to decrease the
cost of heat exchangers. Therefore, the temperature of methane
and air after preheating was chosen to be in the range of 600–
700 C. The lower temperature of 600 C in Concept 3 is based on
the lower temperature of the product gas. The in situ preheating
in Concept 4 was calculated with a chosen terminal temperature
difference (TTD) between bed material and methane stream
(500 C). Since the temperature of the bed material was 1200 C
when it leaves the reaction zone, the temperature of the preheated
methane was 700 C. Thus, it is assumed that heat is effectively
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transferred from the bed material to methane, justifying the rela-
tively high temperature of methane after the preheating zone.
Due to the small particle size of the product carbon, the
cyclones in Concepts 1–3 are assumed to have a carbon separation
efficiency of 60%. However, the following filters are assumed to
extract all the remaining carbon from the product gas. As a whole,
it is assumed that all the product carbon is collected and can be
further utilized. The product gas temperature after cooling is
assumed to be 250 C, which is a typical temperature that conven-
tional fabric filters can handle.
The cooling of the product carbon is assumed to have TTD of
5 C compared to cooling water (CW), which means that the
temperature of the product carbon is 30 C when it leaves the
system. The closed cooling water system in each concept is
dimensioned based on the following initial values: inlet temper-
ature, mass flow, pressure drop, and pump efficiency for cooling
water.
Nickel is a widely studied and generally found as suitable cat-
alyst for methane decomposition [6,8,9]. Therefore, a nickel
based mixture (80% Ni with a support material based on alu-
minum), was chosen as a catalyst material in Concept 3. The
required catalyst charge of 0:1 kgcat=ðnm3CH4 hÞ was chosen based
on study [39], and the lifetime of 50 h for a Ni-based catalyst
based on the study in [9]. The minimum fluidization velocity
was one parameter determining the reactor dimensions. The
bed sand was heated by oxy-combustion in the regeneration
chamber to a temperature of 1200 C to maintain the reaction
temperature of 900 C in the reactor. Also the auxiliary electric-
ity consumption of the ASU was taken into account with the
best practice value for cryogenic air separation process
ð160 kWh=toxygenÞ [40]. CO2 was captured from the ASU and its
compression to 110 bar was assumed to require a work amount
of 0:4 GJ=tCO2 [41].
In Concept 4, the bed material was assumed to have an input
temperature of 25 C and mass flow of 20 kg=s. The bed material
was assumed to be steel and the material properties were chosen
accordingly. The heat transfer in Concept 4 is presented in more
detail in Fig. 6.
The amount of heat transferred from the bed material to
methane in the lower zone and from product gas to bed material
in the upper zone are assumed to be equal, as is presented in the
following equation:
Table 1
Input values and assumptions made in analysis.
Assumption Concept 1 Concept 2 Concept 3 Concept 4
Fuel input 150 MW 150 MW 150 MW 150 MW
Annual operation time 4500 h 4500 h 4500 h 4500 h
Degree of conversion 0.40 0.35 0.40 0.30
Reaction temp. 1350 C 1350 C 900 C 1200 C
Residence time 3.2 s 3.1 s 4.0 s 3.4 s
Heat of conversion 93 MJ/kmol 93 MJ/kmol 91 MJ/kmol 92 MJ/kmol
Heat losses 2.0% 2.0% 1.5% 1.0%
Temp. (air in) 25 C N/A N/A N/A
Temp. (methane in) 25 C 25 C 25 C 25 C
Temp. of methane after preheating 700 C 700 C 600 C 700 C
Temp. of air after preheating 700 C N/A N/A N/A
Temp. of product gas in filtering 250 C 250 C 250 C 250 C
Carbon separation eff. in cyclone 60% 60% 60% N/A
Carbon separation eff. in reactor N/A N/A N/A 50%
Carbon separation eff. of filter 100% 100% 100% 100%
TTD on carbon cooling 5 C 5 C 5 C 5 C
Temp. of CW in 25 C 25 C 25 C 25 C
Temp. of CW out 35 C 35 C 35 C 35 C
Pressure drop in CW cycle 4 bar 4 bar 4 bar 4 bar
CW pump eff. 78% 78% 78% 78%
Air factor (overall reaction) 0.20 N/A N/A N/A
Catalyst No No Yes No
Catalyst charge in reactor N/A N/A 0.1 kg/(m3CH4 h) N/A
Catalyst lifetime N/A N/A 50 h N/A
Regeneration temp. N/A N/A 1200 C N/A
Power of oxygen production N/A N/A 160 kWh/tO2 N/A
CO2 compression work N/A N/A 0.4 GJ/tCO2 N/A
Heat capacity of bed material N/A N/A N/A 0.42 kJ/(kg K)
Heat duty of preheaters N/A N/A N/A Equal to each other
Mass flow of bed material N/A N/A N/A 20 kg/s
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Fig. 6. Heat transfer in Concept 4. The numeric values in figure are based on expert
opinions and are not experimentally verified.
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Qpreheat ¼ _mCH4cp;CH4DTCH4 ;lower zone ¼ _mbedcp;bedDTbed;lower zone
¼ _mbedcp;bedDTbed;upper zone ¼ _mgascp;gasDTgas;upper zone ð8Þ
Heat transfer in the reactor is based on expert opinions and is
still to be experimentally verified.
3.3. Evaluation of investment costs
The investment costs for the process equipment were based on
nominal price approximations in existing similar devices found in
the power industry, such as natural gas burners, thermal conver-
sion reactors, CFB reactors, air-to-air heat exchangers, flue gas
cleaning components, and flue gas ducts. For simplicity the cost
of the preheaters is approximated according to the price data from
non-pressurized air-to-air shell and tube heat exchangers. The
price of the steel bed material in Concept 4 was assumed to be
600 €/t. The erosion rate of the bed material is assumed to be slow,
and therefore the cost of the bed material is allocated to the invest-
ment costs.
Cost distribution for total capital expenditure (CAPEX) was
assumed to be similar to a typical power plant EPC-delivery, which
includes equipment costs, process costs, automation and
electrification costs, civil costs, and project costs (e.g. project
management, engineering, and start-up). Costs for the initial
supply material loads (catalyst in Concept 3 and bed material in
Concept 4) were included in the project costs. Contingency
for the cost estimate was assumed to be 30% of the equipment
costs.
3.4. Evaluation of operating costs
The operational expenditure (OPEX) consisted of operating and
maintenance (O&M) costs (2% of CAPEX), fuel costs (45 €=MWhe),
and other input material costs. The other materials were nickel
based catalyst (10 €=kg) and the sand of the fluidized bed (4 €=t)
in Concept 3. The costs of supply materials were based on the price
level of nickel, aluminum, and sand. The costs of CO2 emissions
were calculated based on the emissions in each concept with a
moderate cost of emission allowances (20 €=tCO2 ). The product car-
bon was assumed to have a price of 500 €=tcarbon, which has been
presented as a moderate value for low quality carbon black named
as thermal black. Selling the product carbon was the only source of
income in the concepts.
In this study CAPEX was evenly divided in the chosen invest-
ment period of 10 years. The annual cost of electricity production
was calculated as follows:
Annual cost of electricity production
¼ OPEXannual þ CAPEXannual  INCOMEannual ð9Þ
The annual cost of electricity production was divided by the
annual electricity production to find out the specific costs
ð€=MWheÞ. With certain input parameters, the annual cost
becomes negative, which indicates a positive income with the
assumptions in question. The owner’s costs (e.g. taxes, permits
and insurances), site specific costs (e.g. land use), and costs related
to the existing power plant (e.g. modifications in the power cycle)
were not included in the analysis.
For simplicity, the interest rate and inflation were assumed to
be zero. In all concepts, CAPEX is small in comparison with OPEX,
and therefore the interest rate and inflation have a minor influence
on the annual cost of electricity production. However, CAPEX
and OPEX in each concept are detailed in Table 5, and thus the
effect of the investment rate and inflation can be calculated
afterwards.
4. Results and discussion
4.1. Mass and energy balance results
The mass and energy balance calculations were conducted with
the aforementioned calculation assumptions. The system bound-
aries for the mass and energy balance calculations are shown in
the process diagrams in Section 2.3. The results of the mass balance
calculations are summarized in Table 2. All the concepts have a
methane mass flow of 3 kg/s, which is equal to the fuel power
input of 150 MW based on the lower heating value of methane.
Concept 1 has also an additional incoming stream of air (8 kg/s),
which considerably increases the total mass flow in this concept.
The outcoming mass flows of product carbon correlate well with
the degree of methane conversion in each concept. In Concept 3,
0.4 kg/s of the primarily produced carbon (0.9 kg/s) is combusted
to provide the heat of conversion (see Table 2).
Results from the energy balance calculations (Table 3) show the
division between chemical (fuel) energy and sensible heat in pro-
duct streams. Around 11–20% of the outcoming energy is bound
to the solid carbon. The rest can be accounted for the product
gas as a chemical energy or sensible heat part of which is removed
by cooling.
In Concept 3 a part of the carbon stream is combusted to pro-
vide the heat of conversion, and the energy content of the product
carbon is thus smaller than in the other concepts. Applying the cat-
alyst in Concept 3 decreases the temperature that is required to
achieve the TDM reaction, and consequently the heat of conver-
sion. The reaction enthalpy is 91 MJ/kmol in Concept 3 compared
to the 93 MJ/kmol required in Concepts 1 and 2 where the temper-
ature is 1350 C. However, the differences in the sensible enthalpy
Table 2
Results from the mass balance calculations.
Concept 1
(kg/s)
Concept 2
(kg/s)
Concept 3
(kg/s)
Concept 4
(kg/s)
Mass balance, input
Methane 3.0 3.0 3.0 3.0
Air 8.1 0 5.0 0
11.1 3.0 8.0 3.0
Mass balance, output
Product gas 10.2 2.2 2.1 2.3
Product carbon 0.9 0.8 0.5 0.7
CO2 (regeneration) 0 0 1.6 0
N2 (ASU) 0 0 3.8 0
Reaction products 11.1 3.0 8.0 3.0
Table 3
Results from the energy balance calculations.
Concept 1
(MW)
Concept 2
(MW)
Concept 3
(MW)
Concept 4
(MW)
Energy balance, input
Methane, fuel energy 126 150 150 150
Methane, combustion 23.6 0 0 0
Electricity 0 16.3 1.3 16.0
Total 150 166 151 166
Energy balance, output
Carbon, fuel energy 29.5 25.8 16.3 22.1
Carbon, sensible heat 0 0 0 0
Cooling 9.5 6.0 2.6 7.3
N2, sensible heat 0 0 0 0
CO2, sensible heat 0 0 2.4 0
Product gas, sensible heat 4.4 2.1 2.5 2.5
Product gas, fuel energy 107 132 127 134
Total 150 166 151 166
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of methane has a greater impact. The sensible enthalpy of methane
is 89.2 MJ/kmol at 1350 C, but only 51.4 MJ/kmol at 900 C [32].
Consequently, due to the implementation of the catalyst, the heat
of conversion in Concept 3 is 22% less than that in Concept 1 and 2.
The resulting product gas molar compositions and lower heat-
ing values (LHV) after carbon extraction are shown in Table 4.
According to the results, the volumetric hydrogen content in the
product gas was in the range of 24–57%. The highest content of
hydrogen occurred in Concept 3 and the lowest in Concept 1,
which is due to the presence of combustion products in Concept
1. Partial combustion in Concept 1 resulted also in lower hydrogen
and methane fractions due to the presence of the combustion
products in the product gas. Consequently, the calculated LHV
was also lower in Concept 1.
4.2. Investment and operational costs
The annual cash flow estimate for each concept including
CAPEX, OPEX, and operational incomes are shown in Table 5. The
net electricity production in each concept was calculated by sub-
tracting the internal electricity consumption of the process from
the total electricity production. The specific cost of net electricity
production is calculated by dividing the annual cost of electricity
production by the annual net electricity production.
Fuel is the most significant cost in all the concepts. CAPEX is a
minor cost compared to OPEX in all concepts except Concept 3.
Concept 3 is the most expensive both in terms of CAPEX and OPEX,
which correlates well with the complexity of this process. How-
ever, due to the low internal electricity consumption of the pro-
cess, the net electricity production in Concept 3 is relatively high,
resulting in moderate cost of electricity production. In Concept 1
the low internal electricity consumption and high amount of pro-
duct carbon results in the lowest cost of electricity production
among all the concepts. The cost of electricity production in the
reference case is 163 €/MWhe which includes both the fuel cost
and the cost of CO2 emission allowances. Thus, with the current
assumptions, the cost of electricity production is 12–58% higher
in the concepts than in the reference case. The effect of the product
carbon price to the feasibility of the concepts is further analyzed in
Section 4.4.
4.3. CO2 emissions
The CO2 emissions of the concepts originate from the combus-
tion of the product gas and in Concept 3 additionally from the
regeneration reactor. In the reference case, which is the direct
combustion of methane, the CO2 emissions originate from the
methane combustion. The CO2 emissions from the concepts were
compared with those from the reference case, as summarized in
Table 6. The reduction of the CO2 emissions in the concepts is
Table 4
Product gas molar composition and LHV in each concept after extraction of solid
carbon.
Molar
composition
Concept 1
(%)
Concept 2
(%)
Concept 3
(%)
Concept 4
(%)
H2 (g) 28.0 51.9 57.1 46.2
CH4 (g) 15.2 48.1 42.9 53.8
H2O (g) 10.8 0 0 0
CO2 (g) 5.4 0 0 0
N2 (g) 41.1 0 0 0
LHV (MJ/kg) 10.4 59.8 60.6 57.7
Table 5
Annual cash flow analysis for each concept. The arrows next to the values in the bottom row indicate whether the cost of electricity production is slightly higher (an upward
pointing arrow) or notably higher (two arrows pointing upward) compared to the reference.
Concept 1 (k€) Concept 2 (k€) Concept 3 (k€) Concept 4 (k€)
CAPEX
Equipment and project costs 11 110 7 226 24 916 9 029
Contingency (30%) 1 536 999 3 438 1 110
Total 12 646 8 225 28 354 10 139
OPEX
Fuel costs 30 375 30 375 30 375 30 375
CO2 emission costs 1 601 1 734 1 601 1 868
Other supply material costs 0 0 4 341 0
O&M costs (2%) 253 165 567 203
Total 32 229 32 274 36 884 32 445
Annual income
Product carbon sales 7 282 6 371 4 036 5 461
Annual cost of electricity production (k€) 26 211 26 726 35 683 27 998
Cost of net electricity production (€/MWhe) 183 255 216 257
Table 6
Net efficiency of electricity production and absolute and specific CO2 emissions from the concepts. The arrows next to the values in the bottom row indicate whether the concept
produce less (a downward pointing arrow) or more (an upward pointing arrow) CO2 emissions per produced electricity compared to the reference case.
Ref. case Concept 1 Concept 2 Concept 3 Concept 4
Fuel input MW 150 150 150 150 150
Operational hours h 4500 4500 4500 4500 4500
Annual net electricity production GWh 203 144 105 165 109
Electricity production net efficiency % 30.0 21.4 15.5 24.5 16.1
CO2 stored as carbon ktCO2 /a 54 47 30 40
CO2 capture in gaseous form ktCO2 /a 0 0 24 0
CO2 stored, total ktCO2 /a 54 47 54 40
CO2 emissions ktCO2 /a 134 80 87 80 93
Specific CO2emissions tCO2 /MWhe 0.66 0.55 0.83 0.48 0.85
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mainly due to the production of solid carbon. Thus, in Table 6 the
product carbon is presented as ‘CO2 stored as carbon’ which repre-
sents the amount of CO2 emissions avoided when the product car-
bon is not combusted. As the fuel input was fixed in all concepts,
the absolute amount of CO2 emissions in the reference case repre-
sents the total annual amount of CO2 from the concepts, which is
either stored or released to the atmosphere. Hence, the CO2 emis-
sions from each concept are the total amount of stored CO2 sub-
tracted from the CO2 emissions in the reference case. The
absolute CO2 emissions in each case are divided by the correspond-
ing electricity production to achieve the specific CO2 emissions
ðtCO2=MWheÞ.
As the annual net electricity production in the concepts is less
than in the reference case, the concepts actually produce more
CO2 per MWh than the reference case, but part of the emissions
are captured. Therefore, the amount of captured CO2 is more than
is actually avoided by applying the concepts, as has been presented
in [17]. The actually avoided CO2 emissions are the difference
between the quantity of CO2 emissions from the reference case
and the quantity of CO2 emitted by a concept. This is the difference
between the specific CO2 emissions in the reference case and in a
concept in Table 6.
The amount of electricity produced in the concepts is less than
in the reference case. If the electricity production is wanted to
remain as a constant, the fuel consumption has to increase. This
may lead to the increase of the CO2 emissions in the fuel transport-
ing. However, this has not been considered in this study. Further-
more, utilizing the product carbon may cause additional CO2
emissions, but those have been left out from this study.
It is shown in Table 6 that the specific CO2 emissions of only
Concepts 1 and 3 are lower than in the reference case. Therefore,
with the assumptions in question only Concepts 1 and 3 provide
an actual CO2 reduction compared to the reference case. When
Concepts 1 and 3 are applied, the avoided CO2 emissions are
respectively 0:11 tCO2=MWhe and 0:18 tCO2=MWhe compared to
the reference case.
For Concepts 1 and 3 it is possible to calculate the cost of
avoided CO2 by dividing the difference between the electricity pro-
duction costs in a concept and in the reference case by the amount
of avoided CO2 in a concept. With the current assumptions, the cost
of avoided CO2 emissions was 182 €=tCO2 in Concept 1 and 294
€=tCO2 in Concept 3. The effect of product carbon price on the cost
of avoided CO2 emissions is further analyzed in Section 4.5.
In all the concepts, the efficiency of net electricity production is
lower compared to the reference case due to the reduced electricity
production in the concepts. The relatively high initial electricity
consumption in Concepts 2 and 4 further decreases the efficiency
of electricity production. Due to both the high net efficiency of
electricity production among the concepts and low specific CO2
emissions in Concepts 1 and 3, these two concepts will be further
evaluated.
4.4. Analysis of the cost of electricity production
The assumption that the internal electricity consumption of the
concepts is covered by the electricity production in concepts is
unfavorable, as the cost of electricity production in the concepts
is significantly higher than the average market price of electricity.
By contrast, an assumption that the electricity consumed in the
concepts would be bought from the market at the market price
would increase the net electricity production and decrease the cost
of electricity production ð€=MWheÞ in Concepts 2–4. The decrease
in the cost of electricity production would be most significant in
Concepts 2 and 4 which have the highest internal electricity con-
sumption among the concepts.
Fig. 7 summarizes the costs of electricity production in each
concept when the price of product carbon was varied. According
to the results, in Concept 1 the cost of electricity production was
the lowest among the concepts. With the aforementioned assump-
tions related to the operational parameters, the price of product
carbon should be at least 700 €=tcarbon so that the cost of electricity
production in Concept 1 would be equal or less than in the refer-
ence case. The price of thermal black can be up to 1400 €=tcarbon,
as stated in Section 2.1. Assuming the price of product carbon of
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1400 €=tcarbon, applying Concepts 2–4 results in cost of electricity
production that is almost equal with the reference case. Therefore,
all the concepts could provide a feasible option to reduce CO2 emis-
sions in natural gas combustion.
Sensitivity analysis was conducted to find out the effect of sev-
eral parameters (the product carbon price, annual operational
time, and degree of methane conversion) on the feasibility of the
concepts. Concepts 1 and 3 have shown the best performance
among all the concepts, and therefore those were chosen for the
sensibility analysis. Fig. 8 shows the effect of the annual operation
time and the degree of methane conversion on the cost of electric-
ity production in Concept 1 and 3. When the degree of methane
conversion is varied, it is assumed that CAPEX remains the same,
meaning that the reactor or auxiliary components do not require
any modifications.
According to the analysis, in both concepts increasing the oper-
ational time from 4000 h/a to 8000 h/a decreased the cost of elec-
tricity production by 6—12 €=MWhe when the investment period is
10 years. Hence, the effect of the annual operation time on feasibil-
ity is almost insignificant. By contrast, the influence of the degree
of methane conversion on the cost of electricity production is
much more significant. Increasing the conversion degree increases
the income from the product carbon and results in decreased
annual cost of electricity production according to Eq. (9). The pro-
duct carbon prices 500 and 600 €=tcarbon are found as limiting val-
ues in Concepts 1 and 3, respectively, above which it is
economically more feasible to produce more carbon and less
electricity. By contrast, below these limiting values it is
economically more feasible to produce less carbon and more elec-
tricity. However, the price of the product carbon has to be at least
600 €=tcarbon so that the cost of electricity production would be less
than in the reference case.
4.5. Analysis of the cost of avoided CO2
The effect of the product carbon price, annual operational time,
and degree of methane conversion on the cost of avoided CO2
emissions in Concepts 1 and 3 was analyzed and the results are
shown in Fig. 9. Increasing the annual operation time from
4000 h/a to 8000 h/a decreased the cost of avoided CO2 emissions
by 59—66 €=tCO2 . Thus, the annual operation time has a remarkable
effect on the cost of avoided CO2 emissions in the concepts.
In Concept 3, the effect of conversion degree on the cost of
avoided CO2 was remarkable. Increasing the degree of methane
conversion from 0.4 to 0.8 decreased the cost of avoided CO2 in
Concept 3 by 159—242 €=tCO2 with product carbon prices of
500—2000 €=tcarbon, respectively. In Concept 1, a moderate price
of product carbon (500 €=tcarbon) and high conversion degree (0.8)
resulted in a moderate cost of avoided CO2; 51 €=tCO2 .
Especially in Concept 1, increasing the product carbon price
rapidly decreases the cost of avoided CO2. At product carbon prices
of 650—700 €=tcarbon the cost of avoided CO2 emissions becomes
negative, indicating that the costs were smaller than in the refer-
ence case. Typically, the cost of CCS (including the capture, trans-
port, and geological storage of CO2) in current technology for a
new natural gas combined cycle power plant is in the range of
40—90 $=tCO2 avoided. [42] This cost level was achieved with pro-
duct carbon price of 500 €=tcarbon in Concept 1 and 800 €=tcarbon in
Concept 3 when the degree of methane conversion was in both
cases above 0.6.
Increasing the price of CO2 emission allowances does not
directly improve the feasibility of the concepts due to the produced
CO2 in the concepts. If a complete conversion were achieved, that is
the degree of methane conversion of 1, Concepts 2 and 4 would not
emit any CO2. In Concept 3, there would be CO2 emissions also
with complete conversion, but they would be fully captured as gas-
eous CO2 and stored.
5. Conclusion
This study presents and analyses four concepts that utilize ther-
mal decomposition of methane to reduce CO2 emissions in natural
gas combustion. Based on the results of the techno-economic anal-
ysis with the current assumptions, applying TDM reduces the CO2
emissions in electricity production (tCO2=MWhe) in two concepts.
The CO2 emissions decrease when a part of the carbon is taken
out from the feedstock in a solid form. Furthermore, the cost of
avoided CO2 decreases rapidly when more solid carbon is taken
out from the feedstock.
Concept 1, a methane burner, had a high performance in terms
of the cost of net electricity production and the CO2 emissions per
MWh of produced electricity. With the price of product carbon of
600—700 €=tcarbon the price of electricity production in Concept 1
was lower than in the reference case. With the assumptions in
question, applying Concept 1 decreased the specific CO2 emissions
ðtCO2=MWheÞ compared to the reference. At the same time, the cost
of avoided CO2 emissions became negative indicating smaller costs
in Concept 1 compared to the reference. The high internal electric-
ity consumption is the main drawback in Concept 2. Replacing
electricity with plasma in Concept 2 could improve the quality of
product carbon, and thus result in better feasibility. In Concept 3,
the complexity of the process results in high CAPEX. However,
the annual net electricity production is high, which results in low
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CO2 emissions per MWh of produced electricity. The cost of CO2
capture and compression are taken into account, but the trans-
portation and storage of CO2 will cause additional costs. In Concept
4, the low degree of methane conversion and high internal electric-
ity consumption results in the highest cost of net electricity pro-
duction and CO2 emissions per MWh of produced electricity
among all the concepts. The technical solution to remove product
carbon from the reactor is an advantage in Concept 4. One poten-
tial option to improve the feasibility of Concept 4 could be an
autothermal heat production.
The price of product carbon was found to have a highly signifi-
cant effect on the economy of the concepts. With the current
assumptions, at the lowest a carbon price of 600—700 €=tcarbon
was required to obtain an equal cost of electricity production with
the reference case. In contrast to conventional CO2 capture tech-
nologies, in which unwanted CO2 is the end product, the value of
the product carbon from TDM could make the process profitable.
Increasing the price of product carbon to the level of
700—1500 €=tcarbon rapidly decreased both the cost of electricity
production and the cost of avoided CO2 emissions. TDM could be
an especially suitable technology for peak load power plants. In
these plants, it is not cost-efficient to apply conventional CCS tech-
nologies that require large investments in the infrastructure. More
research and optimization is required in order to achieve high con-
version rates and product carbon with suitable quality in TDM pro-
cess. The price of the product carbon has a crucial effect on the
feasibility, and therefore more research on the utilization of ther-
mal black is required.
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a b s t r a c t
The study presents a path for selecting the reaction and reactor parameters of a process applying thermo-
catalytic decomposition of methane (TDM). Temperature and catalyst are the main reaction parameters
affecting the type of TDM carbon and defining the reaction’s theoretical heat requirement. Secondly, the
reaction parameters affect the reactor design including the selection of reactor type and heating source as
well as the reactor dimensioning. The reactor dimensioning is discussed by highlighting the methane res-
idence time requirement at different reaction conditions. Finally, the economic value of the TDM prod-
ucts is analyzed. According to the analyses, the reaction temperature and catalyst have a significant
effect on reactor design and on the value and utilization possibilities of the TDM carbon. The prices of
carbon products vary greatly as does the global demand of those. The utilization possibilities of carbon
highly affect the overall viability of the TDM process and therefore should be carefully considered during
process design.
 2016 Elsevier Ltd. All rights reserved.
1. Introduction
Tackling the global climate change requires the reduction of
CO2 emissions into the atmosphere. The International Energy
Agency (IEA) has created several climate scenarios and analyzed
which technologies could be utilized to achieve the CO2 emission
reductions required in each scenario. In the most ambitious sce-
nario of IEA, the 2 C scenario, the increase in the average global
temperature will be limited to 2 C [1]. The most recent target is
to limit the increase in the average global temperature to 1.5 C,
which was the outcome of the Paris Climate Change Conference
in 2015 [2]. The means to reduce CO2 emissions include switching
fossil fuels to carbon neutral fuels and energy efficiency improve-
ments. Besides those, IEA has stated that carbon capture and stor-
age (CCS) has a critical role in the reduction of CO2 emissions [3].
IEA presumes in the 2 C scenario that CCS technologies will to
be implemented gradually from 2020 onward. The CCS technolo-
gies are based on the capture of CO2 in a gaseous form and trans-
portation to a storage site. However, the capture, transportation
and storage of CO2 requires considerable investments on infras-
tructure, and therefore the implementation of this technology is
a time-consuming process. Thus, new solutions for the near-
future CO2 emission mitigation are urgently needed.
Thermo-catalytic decomposition of methane (TDM) could be
applied to natural gas utilization with a benefit that it produces
less CO2 emissions than the conventional technologies. TDM is an
endothermic reaction in which methane, which is the main com-
ponent of natural gas, is thermally converted to solid carbon, gas-
eous hydrogen, and traces of higher hydrocarbons. Thus, instead of
capturing gaseous CO2, the carbon could be captured in a solid
form. Dufour et al. have conducted several life cycle analyses
[4–6] for processes where TDM has been applied to hydrogen pro-
duction. They have compared the TDM process with the currently
most common technology for hydrogen production, steam
methane reforming (SMR), both with and without coupling CCS
to the SMR process. The result of their analyses was that TDM
was more environmentally-friendly process than SMR even when
the SMR process was coupled to CO2 capture and storage. Dufour
et al. have also analyzed a theoretical case of autocatalytic TDM
process where the product carbon would catalyze the TDM reac-
tion and consequently the reaction temperature would be lower
than in the non-catalytic thermal process. Consequently, this
would result in a further reduction in environmental impact.
However, so far the experimental observations of autocatalysis
are limited to short periods at the beginning of the reaction [7].
http://dx.doi.org/10.1016/j.enconman.2016.08.060
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Currently, natural gas is considered the cleanest fuel among the
fossil fuels, but if the limits on CO2 emissions become tighter, emis-
sion reductions are needed also in the utilization of natural gas [8].
The current global hydrogen production is approximately 7.2 EJ
and nearly half of that is produced from natural gas with SMR, as
stated by IEA [9]. Moreover, IEA has stated in the same report that
hydrogen, when produced with low CO2 emissions, could signifi-
cantly contribute to the CO2 emission reduction targets in the
energy sector. IEA also estimates an increase in natural gas demand
from the current 3:4 trillion m3 to 5:4 trillion m3 until 2040 [10].
TDM has been proposed to be applied to hydrogen production
(potentially without CO2 emissions) [11] to fulfill the demand of
chemical industry or to be further utilized to produce electricity
either by a steam-power cycle [12] or fuel cells [13]. Muradov
[14] has analyzed the potential of TDM in hydrogen production
and presented the benefits of TDM over SMR. Muradov and
Vezirog˘lu [15] have conducted an economic analysis for TDM by
studying the effect of the product carbon price on the hydrogen
production cost. They have also presented typical prices of differ-
ent carbon products, and number of these carbon products are
valuable enough to make the TDM process economically more fea-
sible than SMR. Keipi et al. [12] have previously published a
techno-economic analysis of a commercial-scale TDM application.
In that study, the conclusion was that the market value of the pro-
duct carbon, which depends on its quality, is the main factor affect-
ing the economic feasibility of the TDM processes when assuming
a moderate cost of CO2 emission allowances.
Different TDM reactor concepts have been investigated and pre-
sented in the literature, such as plasma-assisted TDM process
[16,17], implementing TDM in a molten metal reactor [18–24]
and a cyclic reactor that consists of separate heating and decompo-
sition units which is known as the thermal black process intro-
duced already at the 1920s [25]. Furthermore, various heating
sources have been proposed to conduct the TDM reaction: an elec-
tric arc, partial combustion of feedstock methane, regenerative
heat supply with cyclic heating and decomposition steps, and heat
supply with heating elements outside the reactor [12,26]. Despite
the numerous technical alternatives presented in the literature to
conduct the TDM reaction, there is a lack of comprehensive analy-
sis on the selection of TDM reaction and reactor parameters. The
focus in this article is to highlight the different aspects that need
to be taken into account when designing a TDM reactor. The selec-
tion of the TDM reaction and reactor parameters and the effect of
those to the overall process design are analyzed. Altogether, this
article presents a path illustrated in Fig. 1 along which the TDM
reactor design can be conducted as a part of the overall process
design.
2. Reaction parameters
The primary parameters in the TDM reaction are the reaction
temperature and the catalyst. The selection of a catalyst and tem-
perature are linked together and the mutual dependence of these
two parameters is illustrated here by reviewing the experimental
studies of TDM presented in the literature. Furthermore, these
experimental studies can be applied to predict the type of product
carbon even in a full-scale process.
2.1. Reaction equilibrium
In methane decomposition reaction, also known as methane
decarburation, (direct) methane cracking or methane pyrolysis,
methane is thermally decomposed to solid carbon, gaseous hydro-
gen, and traces of higher hydrocarbons. Eq. (1) presents the simpli-
fied reaction equation, that takes into account only the main
products, carbon and hydrogen [11].
CH4 ! CðsÞ þ 2H2 DH0r ¼ þ74:9 kJ mol1 ð1Þ
The reaction enthalpy DH0r is defined at a reference temperature
of 298.15 K [27]. The maximum methane conversion in a certain
temperature can be calculated by considering the equilibrium
composition of the gas mixture containing methane and hydrogen
in that temperature. Villacampa et al. [28] have presented the fol-
lowing equation for the Gibbs energy of TDM reaction as a function
of temperature:
DG0ðTÞ ¼ 89658:88 102:27T  0:00428T2  2499358:99T1
ð2Þ
Eq. (2) is calculated by assuming the formation of graphite in
TDM, and therefore it is an approximation. Furthermore, the Gibbs
energy can be expressed in the means of equilibrium constant Kp:
DGRðTÞ ¼ DG0ðTÞ þ RuT  lnKp ð3Þ
where Ru is the gas constant (8.314 J/mol K) and T is the reaction
temperature (K). In the equilibrium state, the Gibbs energy is a min-
imum, i.e. DGRðTÞ equals zero. For TDM reaction, the equilibrium
constant depends on the partial pressures of methane (PCH4 ;eq:)
and hydrogen (PH2 ;eq:) in the gas mixture as follows:
KpðTÞ ¼ ðPH2 ;eq:Þ
2
PCH4 ;eq:
¼ ð2  ðPCH4 ;0  PCH4 ;eq:ÞÞ
2
PCH4 ;eq:
¼ 4  PCH4 ;0  a
2
1 a ð4Þ
where PCH4 ;0 is the partial pressure of methane (atm) in the initial
state and a is methane conversion (–). The methane conversion a
is the proportion of the feedstock methane that dissociates accord-
ing to Eq. (1) and its value varies from zero (no methane dissocia-
tion) to one (complete methane dissociation). Moreover, it is
assumed in Eq. (4) that methane and hydrogen are the only gaseous
components in the TDM reaction and the formed carbon is in its
solid state. However, if desired, for example Snoeck et al. [29] have
presented the thermodynamics of carbon filament formation in
TDM more detailed.
Finally, Eqs. (2)–(4) were combined to present the methane
conversion as a function of temperature in the equilibrium state.
This is graphically presented later as a part of Section 3.2. In prac-
tice, this equilibrium curve states the maximum methane conver-
sion that can be achieved at a certain temperature when the
reaction time approaches infinity.
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Fig. 1. The path for selecting the reaction, reactor and process parameters when
applying TDM. The parameters that can be selected are inside the solid lines and
inside the dashed lines are the consequent parameters.
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2.2. Product carbon type
The main products of TDM are gaseous hydrogen and solid car-
bon. The morphology of the product carbon depends heavily on the
reaction conditions. The results of a literature survey focusing on
the relation between carbon product properties, reaction tempera-
ture and catalyst are presented in Table 1 and Fig. 2.
Metal catalysts in TDM have a tendency to produce filamentous
carbon products whereas the carbon catalyzed or thermal
decomposition of methane produce mainly graphite-like carbon
or carbon black. Compared to the graph presented by Muradov
and Vesirog˘lu [55] a decade ago, wider temperature ranges have
been utilized in the experimental studies of TDM recently. Further-
more, the properties of carbon products (such as quality, purity
and morphology) arising from TDM have been studied in more
depth during recent years. Especially studies reporting nanotubes
and their formation mechanisms have been presented more during
the last ten years than before. Muradov and Vesirog˘lu previously
stated that at temperatures above 1200 C the product is amor-
phous carbon, but later it has been defined more accurately as car-
bon black as shown in Fig. 2.
The temperature ranges suitable for non-catalytic, carbon cat-
alyzed and metal catalyzed reactions are partially overlapping.
However, the approximate temperature ranges suitable for each
reaction type are as follows: below 800 C metal catalyzed reac-
tion, 800–1100 C carbon catalyzed reaction and above 1100 C
non-catalytic TDM. The differences of carbon and metal catalysts
in TDM are not limited to the different temperature ranges or dif-
ferent product carbons. The carbon catalysts have the following
advantages over metal catalysts: lower cost, ability to tolerate
harmful components and higher temperatures (which enables
higher methane conversions to be achieved), and the possibly bet-
ter marketability of the product carbon as the catalyst may not
need to be separated from the product [55]. By contrast, the nano-
fibers and nanotubes that can be produced by metal catalysts have
a higher value if the metal residues in the carbon product can be
separated. These factors have to be taken into account when the
TDM process is designed.
Although the main component in the catalyst (metal/carbon)
defines the morphology of the product carbon, the other catalyst
properties (such as the catalyst pretreatment, support material,
particle size and phase of the catalyst) are also important. How-
ever, presenting the catalyst properties in detail is not the key
focus in this article. More detailed information about the proper-
ties of catalysts employed in TDM can be found in the references
of Tables 1 and 2 and for example in review articles [56,57].
2.3. Reaction heat demand
When the reaction temperature is selected, the amount of
external heating needed in TDM can be determined. The external
heat, denoted as reaction heat QrðTr ; aÞ in this study, takes into
account both the reaction enthalpy of TDM and the sensible
enthalpy of the feedstock methane. The reaction heat depends on
the reaction temperature and methane conversion as follows:
QrðTr ; aÞ ¼ DHrðTrÞ  aþ DHs;feedstockðTrÞ ð5Þ
where DHrðTrÞ is the reaction enthalpy (kJ/mol) at the reaction tem-
perature Tr ; a is the methane conversion (–) and DHs;feedstockðTrÞ is the
sensible enthalpy of feedstock methane (kJ/mol) at the reaction
temperature. It is assumed that all the feedstock methane is heated
to the reaction temperature, and therefore DHs;feedstockðTrÞ does not
depend on the methane conversion. The reaction heat as a function
of methane conversion at selected reaction temperatures is graphi-
cally presented in Fig. 3a. It shows that the required reaction heat
increases with the reaction temperature and methane conversion.
The reaction heat at 25 C is the base line that illustrates the reac-
tion enthalpy as a function of methane conversion, but the TDM
reaction has not been observed at that low temperature.
An energy balance was created in order to investigate how the
energy in the feedstock methane is bound to the TDM reaction
products. The energy balance of TDM is:
LHVCH4 þ QrðTr; aÞ ¼ 2a  LHVH2 þ a  LHVCð1 aÞ  LHVCH4
þ DHs;productsðTrÞ ð6Þ
where LHVCH4 ; LHVH2 and LHVC are the lower heating values (LHV)
of methane, hydrogen and carbon (kJ/mol); and DHs;productsðTrÞ is
the sensible enthalpy of the reaction products (kJ/mol). The lower
heating value equals the reaction enthalpy of stoichiometric com-
bustion which in practice means that the LHV represents the energy
that can be released by combustion. In contrast, the sensible
enthalpy represents the energy that can be utilized by applying heat
exchangers. Here, both values presented are theoretical values,
which do not take into account the heat losses in a real process.
The energy balance of TDM for one mole of methane based on Eq.
(6) is shown in Fig. 3b as a function of methane conversion.
In Fig. 3b, the energy balance of TDM is divided to input (LHV of
the feedstock methane and the reaction heat) and output (LHV of
the hydrogen, carbon and unreacted methane as well as the sensi-
ble enthalpy of those). The solid columns and the lowest patterned
columns present the energy balance at the reaction temperature of
500 C. The two highest patterns represent the additional reaction
heat/sensible enthalpy when the reaction heat is increased from
500 C first to 1000 C and then to 1500 C.
For example, in the case when the methane conversion is 1 and
the reaction temperature 500 C, the bound energy in methane and
part of the reaction heat transfers to the products. A minor part of
the reaction heat transfers as sensible enthalpy of the products.
Increasing the reaction temperature to 1000 C, increases the reac-
tion heat which then transfers to the sensible enthalpy of the
products.
As can be seen in Fig. 3b, the reaction heat is a minor compo-
nent compared to the LHV of the reactants or reaction products.
The reaction heat equals up to 20% of the total input energy or
up to 40% of the LHV of product hydrogen, which is the case at tem-
perature 1500 C and with the methane conversion of 1. However,
the main part of the reaction heat is transferred to the sensible
heat of the reaction products, which can be utilized for example
to preheat the feedstock methane, and thus, improving the overall
energy balance of TDM. The part of the reaction heat that cannot be
covered by internal heat transfer, has to be provided externally.
3. Reactor parameters
After determining the reaction parameters, the reactor type and
the heating source can be selected. Furthermore, the residence
time of methane in the reactor is an important parameter in the
TDM reactor design.
3.1. Reactor types and heating sources
A literature survey on the experimental studies of TDM was
conducted in order to determine the reactor types and heating
sources that have been utilized to conduct the TDM reaction in a
laboratory scale (Table 2 and Fig. 4).
The reactor types applied in the experimental research of TDM
have been flow reactors, fluidized bed reactors and fixed bed
reactors. Non-catalytic TDM reaction has been studied in flow
reactors whereas the fluidized bed reactors and fixed bed reactors
have been applied for tests conducted with catalysts. Moreover,
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Table 1
Catalysts, temperature ranges, and product carbon types and qualities in methane decomposition.
Catalyst Temp (C) Carbon product Quality Ref.
Activated carbon 1100 Carbon black [30]
Carbon black 1100 Amorphous turbostratic carbon [30]
Carbon black 900 Protrusions of stacked graphene layers Knotty, branched, and bent protrusions of graphene
layers
[31]
Carbon black 900 Graphite-like carbon Conical and pillar shaped protrusions of layered carbon
sheets
[32]
Carbon black 850 Uniform carbon coating [33]
Carbon black 800 Graphite-like carbon [34]
Carbon black 750–1050 Carbon protrusions and pillars [35]
Co-based 900 Filamentous carbon [36]
Co-based 800 Coiled nanotubes, bamboo tubes Helically coiled carbon nanotubes and bamboo like
nanotubes, some multi-walled carbon nanotubes
(MWCNTs)
[37]
Co-based 800 Irregular carbon particles, particles
with fruit-like morphology
[38]
Co-based 700 MWCNTs Outer diameter 15–30 nm, inner diameter larger than at
600 C, some helically coiled nanotubes and bamboo like
structures
[37]
Co-based 700 MWCNTs Curved and tangled hollow core MWCNTs, no defects on
outer walls, outer diameter 6–14 nm (50% Co/MgO) 3–
11 nm (25% Mo 25% Co/MgO)
[39]
Co-based 600 MWCNTs Outer diameter 15–30 nm, inner diameter 5–15 nm,
some bamboo-like structures with knots in the
nanotubes
[37]
Co-based 500 Carbon nanofibers diameter 10–30 nm [37]
Fe-based 800 Carbon plates and fibers Smooth elliptical shapes 610 nm–1 lm, carbon fibers
with diameters 110–300 nm
[40]
Fe-based 800 Multilayer graphene sheets Large amount of aggregated graphene sheets containing
wrinkles and ripples, minor nanofibers contamination,
iron particles enclosed in graphene sheets
[38]
Fe-based 700–800 MWCNTs Over 90% deposited carbon MWCNTs, 10–15 graphene
cylinders with a hollow center, some carbon fibers
[41]
Fe–Mo 750 Nanofilaments Bamboo nanotubes with internal nodes disrupting a
hollow core, MWCNTs with few layers 10–20 nm in
diameter
[42]
Fe–Co 700 MWCNTs No amorphous carbon, high crystallinity (ID/IG = 0,41),
outer and hollow diameters 12–75 nm, about 50
graphene layers
[43]
Ni-based 1100 Nanofibers Low quality [30]
Ni-based 800 MWCNTs XRD: thin, uniform, long, outer diameter 25–35 nm, high
graphitization degree, good crystalline quality; TEM:
outer diameter 18–20 nm, inner space of tube 8.5 nm,
presence of metallic Ni
[38]
Ni–Pd 700 MWCNTs Highly interwoven, uniform, thin, and long multiwalled
nanotubes, outer diameter 30–35 nm, internal channel
space 4–5 nm, wall thickness 16 nm, no amorphous
carbon detected, high crystalline quality and
graphitization degree
[44]
Ni-based 700 MWCNTs ca. 20 nm in diameter, higher graphitic order [45]
Ni-based 700 MWCNTs Filaments 15–20 nm in diameter, hollow core [46]
Ni-based 700–800 MWCNTs Extremely thin nanotubes, 5–20 nm in diameter, hollow
channels 2–5 nm
[47]
Ni-based 625–675 Filamentous carbon [48]
Ni-based 600 Carbon nanofibers 15% Ni: outer diameter 50.54 nm; 30% Ni: 46.20 nm;
fishbone-type structure with a hollow core
[49]
Ni-based 550 Filamentous carbon [50]
Ni-based 550 Filamentous carbon Hollow, cylindrical filaments, graphitic carbon with
different degrees of defect of distortion
[51]
Ni-based 500–600 Carbon filaments 50–100 nm in diameter with hollow channels in the
middle, 50–70 nm in diameter containing 2 branches
100–300 nm long
[47]
Ni–Cu–Co 500–850 Carbon nanofibers [52]
Ni-based 400 Carbon filaments 20–30 nm in diameter,50–70 nm in diameter 100–
300 nm long containing 2 branches, equal amounts of
thin and thick filaments, thin filaments are strongly
curved, defected fish-bone type graphite structure, no
hollow interior
[47]
No catalyst 1550–1850 Carbon black Powered by concentrated sunlight, ash free amorphous
carbon, particle size 20–40 nm
[53]
No catalyst 1335–1655 Carbon black Powered by concentrated sunlight, particle size 10–
70 nm
[54]
No catalyst 1000–1200 Graphitic film Smooth, shiny, graphitic film in the reaction area [41]
No catalyst 850 Graphite-like carbon [14]
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electrical furnaces and microwave ovens have been chosen as heat-
ing sources for tests with a catalyst whereas concentrated solar
and plasma have been utilized to provide higher temperatures
required in non-catalytic TDM reaction.
Structured catalytic reactors, especially honeycomb monoliths,
and liquid metal reactors have been recently studied as an alterna-
tive to the typical fixed and fluidized bed reactors. The main advan-
tage of monoliths is the large open frontal area, which results in a
lower pressure drop than in packed bed reactors. However, the dis-
advantages of monoliths are related to the difficulties in the tem-
perature control. [77] The liquid metal reactor enables efficient
heat transfer properties between the liquid metal and methane
gas [23].
Abánades et al. [78] have presented the technological chal-
lenges of TDM. Regarding direct thermal decomposition at temper-
atures well over 1000 C, the main issue is the carbon clogging the
reactor. Furthermore, at higher temperatures the residence times
can be shorter, but the hardness of carbon deposition increases
with temperature, which may complicate the carbon removal from
the reactor. High temperatures can be achieved with concentrated
solar power or with plasma. However, the plasma process requires
electricity and then the CO2 emissions from the electricity produc-
tion have to be considered. With a catalyst, the methane decompo-
sition occurs below 1000 C, but the main issue is the carbon
deposition on the catalyst surface that results in catalyst deactiva-
tion. Metal catalysts can be regenerated to remove the carbon
deposition, but the drawback of the regeneration is again the for-
mation of carbon dioxide. Capturing the gaseous CO2 requires an
additional process step and consumes more energy.
3.2. Reactor design
The reaction equilibrium presented in Section 2.1 is seldom
reached in practice. In this study, the kinetic parameters found in
the literature are utilized to determine the effect of methane resi-
dence time on the TDM reaction. A global one-step reaction model
for TDM was chosen (Eq. (1)). The reaction rate equation
r ¼ kPmCH4 ð7Þ
where PCH4 is the partial pressure of methane (atm), m is the reac-
tion order (–) and k is the rate constant, is commonly applied to
study the kinetics of TDM [72,79–82]. The rate constant k is calcu-
lated from the Arrhenius law:
k ¼ A  expEa=RuT ð8Þ
where A is the frequency factor, Ea is the activation energy (kJ/mol),
Ru is the gas constant (8.314 J/mol K) and T is temperature (K).
In this study, the reaction rate was determined by taking into
account the reactions both forward and backward:
r ¼ dN
dt
¼ kforward  PmCH4  kbackward  P
n
H2
ð9Þ
where N is the reacting amount (mol), t is time (s), rate constant
kforward is calculated from Eq. (8) and n is the reaction order for the
backward reaction, which was assumed to have a value of 1. The
rate constant for the backward reaction, kbackward, was calculated in
equilibrium state, i.e., when the reaction rate in Eq. (9) equals zero.
Moreover, the partial pressures of methane and hydrogen in this
calculation were determined from Eq. (1).
In order to exemplify the effect of residence time on the TDM
reaction, calculations were done by exploiting the experimental
data and kinetic parameters presented in the literature. The data
for these examples were taken from [79] for an unsupported nickel
catalyst and [72] for an activated carbon catalyst. These studies
were chosen as the experimental and kinetic data were well pre-
sented in those and the catalysts (nickel and activated carbon)
are widely studied in the literature and stated as suitable catalysts
for TDM. Furthermore, in these studies a one-step reaction model
was chosen to describe the TDM reaction similarly as in this study.
The kinetic parameters adopted from [79,72] and utilized in calcu-
lations are shown in Table 3.
The kinetic parameters in Table 3 are calculated from the initial
reaction rates that have been experimentally defined. Thus, in this
study, the effect of residence time was calculated by assuming
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constant reaction rates that equal with the initial reaction rates
presented in reference studies [79,72]. This assumption does not
take into account the gradual deactivation of the catalyst. In prac-
tice, this means an assumption that the catalyst is regenerated or
renewed periodically to retain the high catalytic activity and the
reactor clogging is under control. The gradual catalyst deactivation
decreases the methane conversion, which has to be taken into
account when dimensioning the reactor. However, each catalyst
has a specific deactivation behavior, and thus, the influence of cat-
alyst deactivation has to be calculated separately in each case.
The following parameters were applied when calculating the
residence times: the partial pressure of input methane is 1 and
the total pressure is 1 atm. The catalyst amounts were:
5:3 gcat=molCH4 for the metal catalyst and 71:3 gcat=molCH4 for the
carbon catalyst. For the sake of consistency, the catalyst masses
were chosen by assuming the same ratio of catalyst mass to the
studied gas volume as was the ratio of the catalyst mass to the
reactor volume in the experiments in [79]. The temperature ranges
shown in Fig. 5 are chosen based on the suitable temperature
ranges for different catalysts previously presented in Fig. 2. The
calculated reaction rates were consistent with those presented in
the reference studies [79,72]. The results of the two example cases
shown in Fig. 5 are valid only with the assumptions presented
previously and with the chosen catalysts. However, the effect of
residence time in TDM reaction can be illustrated similarly when
the reaction conditions and kinetic parameters are known. More
detailed reaction mechanisms can be taken into account by utiliz-
ing commercial software [83,84].
Besides the residence time of methane in the reactor, there are
other factors to be considered, such as the heat and mass transfer
efficiencies.
4. Initial process design
As the product carbon is extracted from the process in a solid
form and its heating value is not utilized, the lost heating value
has to be compensated for. There are two options for this: the eco-
nomic benefit due to the reduced requirement to buy carbon diox-
ide emission allowances and the possibility to sell the product
carbon.
4.1. Value of the products
The utilization possibilities of the product carbon are in many
studies [12,13,15] stated as a crucial factor when considering the
viability and economic feasibility of TDM. In these analyses, the
economic feasibility of TDM is based on the assumption is that
the TDM product carbon can be further utilized, and therefore,
has a certain market value. Even though the possible applications
Table 2
Literature survey on reactor types utilized in the experimental research of TDM.
Temp (C) Catalyst Heat source Reactor Ref.
1130–1680 No catalyst Concentrated solar energy Fluid-wall aerosol flow reactor with graphite tube [53]
1400–1500 No catalyst Concentrated solar energy Flow reactor with graphite tube [54]
1400–1500 No catalyst Concentrated solar energy Flow reactor with graphite tube [54]
1227–1427 No catalyst Concentrated solar energy Fluid-wall reactor made of stainless steel with internal graphite tube [58]
1027–1327 No catalyst Concentrated solar energy Vortex-flow reactor made of steel allow [59]
727–1327 No catalyst Concentrated solar energy Vortex-flow reactor made of steel allow [60]
1227–1800 No catalyst Plasma DC plasma torch flow reactor made of stainless steel [17]
820–980 Carbon black Electrical furnace Fluidized bed reactor with quartz tube [61]
700–900 Activated carbon Electrical furnace Fluidized bed reactor with quartz tube [62]
700–850 CuAl2O4 Electrical oven Fluidized bed reactor with ceramic tube [63]
500–850 Ni/Cu/Al2O3 Electrical furnace Fluidized bed reactor with stainless steel tube [64]
700 NiCu/Al2O3 Electrical furnace Fluidized bed reactor with Kanthal tube [65]
700 Ni–Cu–Al Electrical furnace Fluidized bed reactor with Kanthal tube [66]
650–700 Fe–Mo/Al2O3 Electrical furnace Fluidized bed reactor with quartz tube [67]
650 Ni/SiO2 Electrical furnace Fluidized bed reactor with quartz tube [68]
550–650 Ni-catalyst Electrical furnace Fluidized bed reactor with quartz tube [69]
550 Ni-based Electrical furnace Vibrofluidized reactor with quartz tube [50]
550 Ni, Ni–Cu Electrical furnace Vibrofluidized reactor with quartz tube [70]
740–960 Carbon black Electrical furnace Fixed bed reactor with quartz tube [34]
850–950 Carbon black Electrical furnace Fixed bed reactor with quartz tube [31]
820–940 Activated carbon Electrical furnace Fixed bed reactor with quartz tube [71]
800–900 Fe-based Electrical furnace Fixed bed reactor with quartz tube [40]
750–900 Activated carbon Electrical furnace Fixed bed reactor with quartz tube [72]
700–900 Activated carbon Electrical furnace Fixed bed reactor with quartz tube [73]
500–900 Co–MgO Electrical furnace Fixed bed reactor with quartz tube [36]
850 Carbon black Electrical furnace Fixed bed reactor with quartz tube [33]
800 Activated carbon Electrical furnace Fixed bed reactor with quartz tube [74]
800 Ni/SiO2, Co/SiO2, Fe/SiO2 Electrical furnace Fixed bed reactor with stainless steel tube [38]
700 Co/MgO Electrical furnace Fixed bed reactor with quartz tube, horizontal [39]
700 Pd promoted Ni/MgAl2O4 catalyst Electrical furnace Fixed bed reactor with stainless steel tube [44]
700 Ni–Fe/MgO, Ni–Co/MgO, Fe–Co/MgO Electrical furnace Fixed bed reactor with quartz tube [43]
550–700 Ni Electrical furnace Fixed bed reactor with quartz tube [46]
550 Ni-based Electrical furnace Fixed-bed quartz reactor, plug-flow [51]
700–900 Activated carbon Microwave oven Fixed bed reactor with quartz tube [73]
800 Activated carbon Microwave oven Fixed bed reactor with quartz tube [74]
750–900 Carbon monolith Electrical furnace Honeycomb monolith inside of a quartz tube [75,76]
1100 No catalyst Electrical oven Liquid tin bubble column reactor with alumina tube [21]
750–1100 No catalyst Electrical furnace Liquid tin bubble column reactor with alumina tube [22]
930–1175 No catalyst Electrical furnace Liquid tin bubble column reactor with quartz tube [19,20]
750–900 No catalyst Electrical wire heaters Liquid tin bubble column reactor with stainless steel tube [23]
600–900 No catalyst Electrical furnace Molten metal bubble column reactor with stainless steel tube [24]
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Table 3
The kinetic parameters presented in the literature and utilized in this study.
Catalyst A Ea m Ref.
Metal 1047.3 molH2/gcat min atm
0.5 65.4 kJ/mol 0.63 [79]
Carbon 12,800 molCH4/gcat s atm
0.5 194 kJ/mol 0.5 [72]
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of the product carbon are frequently highlighted in the TDM stud-
ies, the yearly consumption of these carbon products is seldom
analyzed. Thus, the fact that the yearly consumption of different
carbon products can be the factor limiting the utilization possibil-
ities of TDM is not taken into account.
Therefore, a market analysis was conducted in order to demon-
strate the potential of TDM in the current market situation. The
current production volume of different carbon products was deter-
mined as follows: 8.1–9.4 million tonnes of carbon black [85,86],
1.9 million tonnes of activated carbon [87] and 500 million tonnes
of metallurgical coke [88]. Furthermore, the yearly production of
carbon nanotubes was 2.5 thousand tonnes in 2010 and back then
it was estimated to reach 12 thousand tonnes in 2016 [89].
The current production volumes define the upper limit for the
carbon produced by TDM, if TDM process is supposed to replace
the current production methods. However, if alternative utilization
possibilities for the product carbon are developed, the yearly car-
bon demand will increase providing more possibilities for the uti-
lization of TDM carbon.
Calculations were done to estimate the amount of hydrogen and
carbon that could be produced by the TDM process, in order to
understand the potential of TDM better. Globally, the annual natu-
ral gas consumption was 3.4 trillion cubic meters in 2014 [10]. The
global annual hydrogen production volume was 60 million tonnes
in 2013 [9]. Thus, we calculated the situation where TDMwould be
applied to replace the current hydrogen production methods. First,
the following assumptions were made: natural gas contains 100%
of methane and the TDM process only produces hydrogen and car-
bon as presented in Eq. (1). Thus, the current global hydrogen
demand would be fulfilled when 11% of global natural gas con-
sumption is treated with TDM assuming a relatively high value
for methane conversion, 0.9. At the same time, approximately
200 million tonnes of carbon would be produced annually. This
amount is plenty more than the annual production volume of most
of the carbon products, except metallurgical coke.
If the carbon production is taken as the starting point of the cal-
culations, treating 0.6% of the global natural gas consumption with
TDM (assuming a methane conversion of 0.9), would result in pro-
ducing an amount of carbon that is equal with the current carbon
black demand. At the same time, the TDM process would produce
3.3 million tonnes of hydrogen, which equals 6% of the annual glo-
bal hydrogen production. This analysis, even though it is oversim-
plified, shows how the application possibilities of the product
carbon limit TDM applications.
Therefore, new applications for the product carbon are needed.
The following applications are frequently mentioned when a large-
scale utilization of the TDM product carbon is concerned: building
or construction material, direct carbon fuel cells to produce elec-
tricity, and soil amendment [55]. Metallurgical coke, which is used
in steel production for the reduction of iron oxides, could possibly
be replaced by TDM carbon. The main chemical property require-
ments for the metallurgical coke are the moisture content and
the amount of volatile matter, ash, sulfur, phosphorus and alkalies.
The important physical properties are particle size and size distri-
bution, reactivity and strength [90]. If the properties of TDM car-
bon are suitable, replacing metallurgical coke could provide a
large-scale application for TDM carbon.
Some carbon prices were also determined as a part of the mar-
ket analysis to be utilized when estimating the value of the product
carbon. The price of carbon black is 500–4000 €/tonne [91], acti-
vated carbon 1500 $/tonne [92] andmetallurgical coke 150 €/tonne
[93]. The price of multiwalled carbon nanotubes (MWCNT)
depends on the diameter of the tubes and the purity level [94].
MWCNTs with a research grade quality have a price of 0.6–10 $/
g. The price of industrial grade MWCNTs is 380 $/tonne (diameter
10–30 nm) and 200–400 $/tonne (diameter 20–40 nm). The indus-
trial grade MWCNT products have lower purity than the research
grade products [94]. In practice this means that the product con-
tains higher amounts of amorphous carbon and residues from
the production. The typical purity of industrial grade MWCNTs is
90% and those are suitable for applications such as conductive plas-
tics and polymers, paints and epoxies [94].
The carbon prices presented here are collected from data that
are available free of charge. Numerous extensive market analyses
regarding the carbon products are available at various prices pro-
duced by for example Ceresana, Freedonia Group, IDTechEx, Inno-
vative Research and Products Inc, Research and Markets, and
Transparency Market Research. It is important to bear in mind, that
the carbon prices presented here are valid with the current produc-
tion methods and volumes. However, if a substantial amount of
carbon will be produced by TDM, the carbon prices will most prob-
ably decrease.
Hydrogen is the other marketable product of TDM. Currently,
depending on the technology, the production cost of hydrogen is
in range of 0.05–0.1 €=N m3 (natural gas steam reforming or coal
gasification) and 0.16–0.3 €=N m3 (electrolysis) [95]. However,
the conventional hydrogen production methods utilize fossil fuels,
produce CO2 emissions, and consequently require additional CCS-
technologies in the future. The presented hydrogen production
costs can be used as a starting point when comparing the economic
feasibility of TDM process to the conventional technologies.
4.2. Profit of CO2 reduction
The possibility to produce less CO2 emissions than the conven-
tional technologies applied in natural gas utilization, is one of the
main benefits of TDM. Besides the possibility that TDM product
carbon may have a market value, producing solid carbon as such
could be beneficial over producing gaseous CO2. Storing the solid
carbon can be an easier process and have a smaller environmental
impact than storing gaseous CO2. Furthermore, storing solid carbon
could be an appealing alternative in countries where the legislation
prevents CCS by injecting the gaseous CO2 underground.
In this study, the CO2 emissions from TDMwere compared with
those produced in the direct combustion of methane (Fig. 6a). The
emissions of the TDM process were assumed to originate from the
production of the reaction heat for the TDM reaction and combus-
tion of the unconverted methane in the product gas. The reaction
heat QrðTr ; aÞ (see Section 2.3) is assumed to be produced by the
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combustion of additional methane (with a theoretical efficiency of
100%), which causes CO2 emissions. These emissions will decrease
if the reaction heat is partly or completely provided from the
CO2-free sources (with renewable energy or internally with heat
exchangers).
Thus, the black columns in Fig. 6a represent the CO2 emissions
from the production of reaction heat for TDM (at the reaction tem-
perature of 500 C) and the CO2 emissions when the product gas
from TDM (with different values of methane conversion) is burned.
Furthermore, the gray columns represent the additional CO2 emis-
sions when the reaction temperature is increased from 500 C to
1500 C.
The CO2 emissions were proportioned to the energy content of
the product gas from TDM. Comparison was made to the reference
case (methane combustion) that produces a constant amount of
CO2, 55 g per MJ of methane. Because the TDM reaction products
consist of both solid and gaseous components, the energy content
of the gaseous product decreases when the methane conversion is
increased. Thus, more feedstock methane is needed when the gas-
eous product is supposed to fulfill a certain energy requirement,
and consequently, more carbon is produced. Basically, one mole
of solid carbon stored is equivalent to storing one mole of CO2.
However, due to the increased requirement of the feedstock, the
reduction of the CO2 emissions with TDM is not as much as the
CO2 equivalent of the extracted carbon in TDM. The actual avoided
CO2 emissions in TDM are the difference between the emissions
from direct combustion and the emissions in TDM, as denoted by
the arrow in Fig. 6a.
Up to 60–77% of the CO2 emissions are avoided by TDM at the
temperatures of 500–1500 C compared to direct methane com-
bustion when assuming that thereaction heat is produced by
methane combustion. If the required reaction heat were to be pro-
duced without CO2 emissions, e.g., from renewable sources or
internally with heat exchangers, the complete TDM reaction would
not produce any CO2 emissions.
Fig. 6a also illustrates the effect of catalyst in TDM on the CO2
emissions from the TDM process. The CO2 emissions at reaction
temperature 500 C (suitable for metal catalysts) are marked with
black columns and the additional CO2 emissions caused by an
increase of the temperature to 1500 C (suitable for non-catalytic
TDM) are marked with gray columns. Thus, with non-catalytic
TDM, 60% of the CO2 emissions can be avoided compared to the
direct methane combustion (when methane conversion is 1).
Decreasing the reaction temperature to 500 C, results in avoiding
77% of the CO2 emissions compared to the direct methane combus-
tion. Thus, the increase of the avoided CO2 emissions from 60% to
77% is the benefit of using a metal catalyst compared to the non-
catalytic TDM.
Further calculations were conducted in order to find out the
energy penalty of avoiding CO2 emissions (MJ=kgCO2 ). The LHV of
the product carbon shown in Fig. 3a was divided by the mass of
the avoided CO2 emissions (as marked with an arrow in Fig. 6a).
The resulting graph of the energy penalty of avoiding CO2 with
TDM as a function of methane conversion is shown in Fig. 6b.
It is shown in Fig. 6a that when the methane conversion is low,
the CO2 emissions in TDM are more than in direct methane com-
bustion, with the assumptions made at the beginning of this sec-
tion. With a higher methane conversion than 0.1 at 500 C and
0.3 at 1500 C, TDM provides an actual reduction of CO2 emissions
compared to direct methane combustion. According to Fig. 6b, at
temperatures 500 C–1500 C the energy penalty of TDM is 10–
12 MJ=kgCO2 at lowest. In contrast, the heat requirement of another
carbon capture technology, chemical adsorption by amine solu-
tions, is stated as 3–5 MJ=kgCO2 [96,97]. Moreover, Bolland and
Undrum [96] have presented an auxiliary heat of 0.33 MJ=kgCO2
required to compress the captured CO2 to the transportation pres-
sure of 100 bar.
4.3. Auxiliary process components
This study focuses on introducing and analyzing the factors that
affect the selection of reaction parameters in TDM and the design
of TDM reactor. However, the auxiliary process parts have to be
chosen and designed as well. The auxiliary process parts may
include the following: separation of solid carbon from the product
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gas (cyclone or filters), heat exchangers, auxiliary cooling, a
catalyst regeneration system, CO2 capture and flue gas cleaning.
However, the design of these process parts is out of the scope of
this article. Several examples of TDM process design in a
commercial scale have been previously presented by Keipi
et al. [12].
5. Conclusion
This article presented a path for selecting parameters for TDM
reaction and the effect of those factors on the reactor design and
further on the process design. The main reaction parameters, tem-
perature and catalyst, affect the type of the TDM carbon and define
the theoretical heat requirement of the reaction. The reactor design
includes the selection of reactor type and heating source as well as
reactor dimensioning. Temperature and catalyst are parameters
that greatly affect the type of the TDM carbon as well as the reactor
type and dimensions, thus having a significant effect on the econ-
omy of the TDM process.
The economic benefits of TDM are the reduction in CO2 emis-
sions compared to other hydrogen production methods and the
possibility to sell the product carbon. In recent years the carbon
product from TDM has attracted more attention and has led to
more detailed analyses of the carbon product and its quality. With
a moderate price of the CO2 emission allowances, the economic
feasibility of TDM is based on selling the product carbon. The cur-
rent production volumes of different carbon products are limited,
and therefore, new applications for the TDM carbon are needed
in order to apply it in a larger scale. However, the increase in the
carbon production volumes by TDM may decrease the value of
these carbons. Therefore, the value and utilization possibilities of
TDM carbon have to be considered carefully if TDM is to be applied
in commercial scale.
With non-catalytic TDM, up to 60% of the CO2 emissions can be
avoided compared to direct methane combustion. When the reac-
tion temperature would be decreased to 500 C, for example by
using a metal catalyst, the amount of avoided CO2 emissions would
increase up to 77%. Thus, the CO2 emissions can be remarkably
reduced by using a catalyst. Moreover, the selection of the catalyst
has a crucial effect on the properties of the product carbon, and
therefore on its price and utilization possibilities. As the catalyst
and a suitable reaction temperature are linked together, those
determine which reactor types and heating sources can be applied.
In contrast, using a catalyst in the TDM process has only a minor
effect on the energy balance of TDM. Additionally, the energy bal-
ance can be further improved by utilizing the internal heat
transfer.
This article presents the factors that affect the design of a TDM
process. This analysis can be utilized as a starting point when
selecting the parameters for a TDM reactor or process whether it
is a laboratory setup, a larger prototype or a conceptual study.
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In this work, thermal decomposition of methane (TDM) was experimentally studied at nominal gas
temperatures of 1070 Ke1450 K in a non-catalytic laboratory test reactor. The purpose was to use a
simple kinetic mechanism to describe the TDM reaction, which could be applied in industrial reactor
design. The experimental data was utilized to optimize global kinetic parameters describing the TDM
reaction in the test reactor. For comparison, a 37-step reaction mechanism for TDMwas adopted from the
literature. When analyzing experimental datasets from the literature, the optimized global kinetics
provided better agreement with the experimental data than the 37-step mechanism when the reactor
temperature proﬁles were deﬁned in detail. Since the 37-step mechanism was not able to predict the
solid carbon formation well enough, the mechanism was slightly adjusted according to a reaction ﬂow
and sensitivity analysis. Additionally, it was suggested that the 37-step mechanism can be improved by
optimizing the reaction mechanism by using a detailed experimental data of hydrocarbon formation in
TDM achieved in an environment where the temperature proﬁles are fully deﬁned.
© 2017 Elsevier Ltd. All rights reserved.
1. Introduction
Nowadays, H2 is widely utilized in the chemical industry, and
furthermore, it has been proposed as a potential clean energy car-
rier in the future as it does not produce CO2 when combusted [1].
Transition towards hydrogen economy requires the development of
hydrogen production, storage, distribution and utilization tech-
nologies as well as regulatory changes [2e4]. Hydrogen production
technologies that are both economically feasible and produce less
CO2 emissions are needed. Potential larger-scale low-CO2 emission
technologies for hydrogen production are water decomposition [5],
water electrolysis by using renewable energy [6] and biomass
gasiﬁcation [7]. Additionally, CO2 emissions of steam reforming of
natural gas, which is the currently most applied hydrogen pro-
duction technology [1], could be reduced when combined with CO2
capture and storage (CCS) [8].
Decarbonization of fossil fuels, and especially treating natural
gas by the thermal decomposition of methane (TDM), has been
proposed as a potential technology in the transition towards H2
economy [9]. The reaction equation for the endothermic TDM
reaction (DH0r ¼ þ76 kJ=mol) is the following [10]:
CH4/CðsÞ þ 2H2: (1)
Instead of gaseous CO2, TDM produces solid carbon, which in
some cases can be considered as a value-added product. According
to previous studies [11,12], TDM can be an economically feasible
process only if the value of this product carbon is sufﬁciently high,
i.e., 500e1000 EUR/tonne of carbon, which is comparable to the
price of low-quality carbon black. When the CO2 emissions are
considered, TDM has been found as a more preferable technology
for H2 production than the currently most applied steam methane
reforming (SMR), even if carbon capture and storage would be
coupled with SMR [13e15].
A catalyst can be utilized to accelerate the TDM reaction, but the
beneﬁt of non-catalytic TDM over catalytic reaction is that it avoids
impurities in the product carbon originating from the catalyst.
Regarding non-catalytic TDM, many studies ([16e22]) have focused
on concentrated solar power reactors, which could enable H2
production with zero CO2 emissions. However, a possible reactor
concept for non-catalytic TDM is a regenerative heat exchanger
reactor, which was ﬁrst presented by part of the authors [11].
Previously, the carbon particle removal to avoid reactor clogging
has been identiﬁed as the main challenge restraining the industrial
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development of TDM [23], which this new concept could avoid. The
bed material in the reactor enables both effective heat transfer and
conveys the product carbon out from the reactor.
Modeling the reaction kinetics involved is an important part of
the TDM reactor design. Both the global kinetics [18,24] and more
detailed kinetic mechanisms [18,19] have been presented for non-
catalytic TDM modeling in the literature. However, the reaction
temperatures in these studies have been from 1500 K to over 2000
K. Therefore, those mechanisms cannot be directly applied to the
reaction conditions of a regenerative heat exchanger reactor, which
operates at a temperature of 1000 Ke1500 K and an approximate
residence time of 1 se10 s.
In this study, the objective was to ﬁnd, for reactor design pur-
poses, a relatively simple kinetic model to describe the non-
catalytic TDM reaction below 1500 K. First, the simplest way to
describe the reaction kinetics, a global mechanism, was studied in
order to ﬁnd out its applicability on modeling TDM. The experi-
mental data, which was achievedwith a laboratory test reactor that
mimics the operation of a regenerative heat exchanger reactor, was
applied to optimizing the kinetic parameters for the global TDM
reaction by using a speciﬁcally written MATLAB-based plug ﬂow
reactor model. Second, the optimized global kinetics was compared
with a rather simple 37-step reaction mechanism presented by
Ozalp et al. [19]. The 37-step reaction mechanism was further
developed based on a reaction ﬂow and sensitivity analysis to
improve its ability to predict solid carbon formation at tempera-
tures 1000 Ke2000 K. Thus, this article complements the previous
knowledge in this ﬁeld of study by providing (i) experimental data
of non-catalytic TDM reaction at nominal gas temperatures of
1070 Ke1450 K with specially deﬁned temperature proﬁles, (ii)
kinetic parameters for the global TDM reaction that were success-
fully applied to predict methane conversion in non-catalytic TDM
and (iii) suggestions for improving the 37-step reaction mechanism
for non-catalytic TDM presented in the literature.
2. Experimental section
2.1. Experimental setup
The experimental work presented and discussed in this paper
was conducted with an experimental setup demonstrated in Fig. 1.
The laboratory test reactor mimics the regenerative heat exchanger
reactor previously presented by part of the authors [11]. The main
simpliﬁcation in the test reactor is that there is no bed material
circulation. The substantially high heat capacity of the solid bed
material stabilizes the reactor temperature and makes the reactor
appropriate for experimental kinetic studies.
The primary part of the experimental setup was the vertically
mounted reactor tube made of Kanthal APM iron-chromium-
aluminum (FeCrAl) alloy. The reactor tube had the following di-
mensions: the inner diameter of 73 mm, the outer diameter of
83 mm and the length of 2500 mm. In order to enable opening and
closing of the reactor tube, there were ﬂanges at both ends of the
tube. During the operation, the joints of the ﬂanges were sealed
with copper seals.
The middle part of the reactor tube was electrically heated with
three circular Fibrothal RAC 200/500 heating modules which were
insulated with Fibrothal insulation modules. Each heating module
had a heating power of 19.7 kW. The modules were separately
controlled with an Eurotherm 7100 A thyristor unit combined with
an Eurotherm 3204 temperature controller.
The reactor tube was ﬁlled with spherical ceramic beads with an
approximate diameter of 10 mm. The ceramic beads served as a
heat exchange material that stabilized the temperature and gas
ﬂow proﬁles in the reactor tube. Moreover, a part of the product
carbon deposited on the surface of the beads. The void fraction, i.e.,
the proportion of empty space in the reactor, was separately
deﬁned to be 0.4. The determination was done experimentally by
counting the number of beads that ﬁt into a certain volume and
estimating the void fraction mathematically.
The temperature proﬁle inside the reactor tube was measured
by using eight measuring points as shown in Fig. 1. Temperature
was measured continuously with K-type thermocouples and
recorded with a data logger in 2-s intervals. The experiments were
conducted with reactor maximum temperatures between 1070 K
and 1450 K. The gas mixture containing CH4 (purity 99.995%) and
N2 (purity 99.95%) with different mixture ratios entered the reactor
at room temperature. For modeling purposes, the product gas
temperature at the reactor end was assumed to be 30 K less than
thatmeasured at the eighthmeasurement point, whichwas located
10 cm below the reactor outlet. The assumption is based on the
extrapolation of the decreasing gas temperature at the reactor end.
This assumption has a minor signiﬁcance, since the gas tempera-
ture at the reactor end is well below the temperature where TDM
reaction occurs.
To control the gas ﬂow rates, mass ﬂow controllers (Bronkhorst)
in the range of 0e15 dm3/min were used. The product gas ﬂowed
continuously out from the top end of the reactor tube. After exiting
the reactor, part of the outcoming gas was extracted for analyzing
purposes. The part of the product gas that was not analyzed was
bubbled through water to remove the remaining carbon particles
before discarding. The reactor was maintained inert during the
periods of heating and quenching with a constant N2 ﬂow of 6 dm3/
min.
Prior to the gas analysis, the product gas ﬂowed through an
inline ﬁlter with stainless steel housing that sifted 93% of the car-
bon particles with a diameter more than 0:01 mm out. A continuous
analysis of the product gas composition was conducted with a
Fourier transform infrared spectroscopy (FTIR) in 30-s intervals.
The examination procedure was as follows: the product gas was
pumped into the sampling unit during the ﬁrst 10 s and the
composition of the sample gas was examined during the following
20 s. The FTIR analyzer has a limitation that it cannot detect bia-
tomic homonuclear molecules, such as N2 and H2 in this case.
Therefore, the methane conversion was calculated by comparing
the measured methane concentration values to the initial concen-
tration. The methane conversion a is deﬁned in this article as
follows:Fig. 1. A sketch of the laboratory scale test rector.
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a ¼ nCH4;inlet  nCH4;outlet
nCH4;inlet
; (2)
where nCH4;inlet and nCH4 ;outlet are respectively the amount of CH4
(mol) at the reactor inlet and outlet.
2.2. Experimental arrangement
A total of 48 separate cases were measured. The following pa-
rameters were recorded in each case: the volumetric ﬂowof CH4/N2
mixture, the reactor temperature proﬁle and the composition of the
product gas. Before each measurement case, a stable temperature
proﬁle was achieved. Similarly, the reported methane conversion
was calculated based on an average of 10 stabilized gas composition
measurement points, which corresponds to a measurement period
of 2.5 min. Experiments were conducted with total gas volumetric
ﬂows ranging from 5 dm3/min to 16 dm3/min measured at NTP
conditions, which resulted in residence times between 6 s and 21 s.
The inlet gas composition, temperature proﬁles and corresponding
methane conversion values for each experimental case are pre-
sented in Appendix.
In order to ensure that the product carbon that deposited in the
reactor did not affect the gas ﬂow, the heat transfer, or the TDM
reaction, an oxygen ﬂow was fed to the reactor between each
measurement to oxidize the product carbon that had formed dur-
ing the previous measurement. Furthermore, the effect of depos-
ited carbon during the experimental runs wasminor since themass
of the ceramic beads in the reactor was thousand times the theo-
retical maximum carbon amount that could have been deposited
during an average 15-min experimental run. The focus in this study
was not on the product carbon quality, however, some qualitative
analyses were conducted in order to verify (i) that carbon was
formed during the tests and (ii) based on elementary analysis the
carbon purity was high and it contained only a hint of impurities.
2.3. Measurement uncertainty evaluation
The uncertainty of the measurements originated mostly from
two sources: measurement of the volumetric gas ﬂow with the
mass ﬂow controllers and the gas analysis with FTIR. The numeric
values for measurement uncertainties were given by the manu-
facturer of each measurement device. In the case of measuring the
volumetric gas ﬂow the uncertainty was 0.5% whereas in the gas
composition analysis the measurement uncertainty had an abso-
lute value of 0.2% points. The measurement uncertainties are
shown in the experimental results in Section 4. The error bars for
the measurement uncertainties were truncated when exceeding
the natural limits, i.e., conversion beyond values from 0 to 1, ac-
cording to the recommendation given by the Analytical Methods
Committee of the Royal Society of Chemistry [25].
3. Modeling of the reaction kinetics
3.1. Chemical kinetics
For reactor design purposes was the chemical kinetics of the
global methane decomposition reaction studied. The reaction rate r
(mol/s) was deﬁned as:
r ¼ dnCH4
dt
¼ kforward,cCH4n  kbackward,cH2m; (3)
following standard formulations where nCH4 is the amount of CH4
(mol), t is time (s), cCH4 and cH2 are the concentrations of CH4 and H2
(mol=cm3), kforward and kbackward are rate constants and n andm are
the reaction orders () for forward and backward reactions,
respectively [26]. The rate constants for forward and backward
reactions were assumed to follow the Arrhenius law:
k ¼ A,exp½  Ea=ðRuTÞ; (4)
where A is the frequency factor, Ea is the activation energy (kJ/mol),
Ru is the gas constant (8.314 J/molK) and T is temperature (K) [26].
The rate constants and frequency factors use units of cm3, J, mol and
s.
In this study, the experimental data was used to optimize the
Arrhenius parameters for the forward reaction and the reaction
orders for forward and backward reactions. Next, the kinetic pa-
rameters for the backward reaction were solved by using the
following relationship [26]:
kbackward ¼
kforward
Kc
: (5)
The equilibrium constant Kc () values were taken from the
literature [27] and modiﬁed into the following exponential form:
Kc ¼ 941;272:1,exp ½  96;425:0=ðRuTÞ: (6)
The gas ﬂow in the laboratory test reactor wasmodeled as a plug
ﬂow where the tracked element had a constant mass. The pressure
drop dP (Pa) for a packed bed reactor was calculated as follows [28]:
dP
dx
¼ 150mVc
L 2c
þ 1:75rV
2
c
L c
; (7)
where m is the dynamic viscosity (Ns/m2), r is density (kg/m3). The
characteristic velocity Vc (m/s) and characteristic length L c (m)
were deﬁned as follows:
Vc ¼
_m
rεvAc
(8)
and
L c ¼ dp

εv
1 εv

; (9)
where _m is the gas mass ﬂow (kg/s), Ac is the cross-sectional area of
the bed (m2), dp is the diameter of the spherical bed particles (m)
and εv is the void fraction (), i.e., the proportion of the empty
space in the packed bed [28].
3.2. Kinetic parameter optimization
The kinetic parameters were optimized by using a particularly
written MATLAB-based function. Table 1 presents the optimized
kinetic parameters and the derived Arrhenius parameters for the
backward reaction. In the MATLAB-based reactor model, a plug
ﬂow element was tracked through the reactor length and the
methane conversion at the reactor end was compared with the
experimental values. The function minimized the square error
Table 1
The kinetic parameters deﬁned in Eqs. (3) and (4) achieved by optimization of the
global TDM reaction parameters to correspond the experimental data. The reaction
rate uses the units cm3, J, mol and s.
A Ea (kJ/mol) n () m ()
Forward 8.5708$1012 337.12 1.123 e
Backward 1.1190$107 243.16 e 0.9296
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between the calculated methane conversion and the measured
values in each case. The optimization was conducted by using the
function ‘fminsearch’ in MATLAB.
In the literature, activation energies of 208 kJ/mol [24] and
370 kJ/mol [18] have been reported when the kinetic parameters
for a global non-catalytic TDM reaction have been derived from
experiments conducted at temperatures above 1500 K. For a high-
temperature (above 2000 K) rapid decomposition the activation
energies of 356 kJ/mole402 kJ/mol have been reported for a ﬁrst
order global reaction in the literature [24]. Thus, the activation
energy deﬁned in this study for the global reaction, 337 kJ/mol for
lower temperature, is in line with the activation energies for non-
catalytic decomposition reaction reported by others. Signiﬁcantly
lower values for the activation energy (147 kJ/mole162 kJ/mol)
have been reported when carbon particles have been laden to a
vortex-ﬂow at temperatures above 900 K [29], or 31 kJ/mole85 kJ/
mol when a carbon catalyst has been added to the solar powered
reactor at temperatures above 723 K [30]. Furthermore, the reac-
tion order for the forward reaction deﬁned in this study, 1.123, is
close to value 1, which is generally presented for the global TDM
reaction [18,24,29].
3.3. Constant pressure reactor model
The MATLAB-based model was suitable for studying the global
TDM reaction. However, in order to simulate the reactor with
detailed chemistry and enable the use of the pre-deﬁned temper-
ature proﬁles from experiments, the homogeneous 0D constant
pressure reactor model in LOGESoft was found appropriate [31]. In
this model, the reactor was assumed to be closed system, and hence
the mass conservation equation was as follows:
vm
vt
¼ 0: (10)
The mass fraction of the ith species in the gas mixture, Yi (¡),
was
vYi
vt
¼ riMi
r
; (11)
where r is the density (kg/m3), ri is the reaction rate (mol/(m
3s))
and Mi is the molecular mass (kg/mol) of the ith species in the gas
mixture [32]. The thermodynamic properties of gases were calcu-
lated by utilizing the NASA polynomials [31].
Even though the constant pressure reactor model was applied, a
pressure drop does in fact occur in the test reactor. This pressure
drop was calculated during the kinetic parameter optimization and
according to the results the pressure drop along the total reactor
length was not more than 0.3%. Therefore, the constant pressure
reactor model was considered suitable for simulating the test
reactor.
Initially the temperature proﬁles in the test reactor were
measured as a function of position, but those were converted to
time-dependent proﬁles during the kinetic parameter optimiza-
tion. The gas temperature in the constant pressuremodel was set to
follow the time-dependent temperature proﬁles so that the
modeling results were directly comparable with the experimental
data. Furthermore, the gas temperature in the test reactor was
assumed to be uniform in the radial direction. This assumptionwas
considered valid since the gas velocity was rather low and the heat
capacity of the beads in the reactor was large compared to that of
the gas mixture. Additionally, the distances between the beads
were small.
Furthermore, it was assumed that the gas and bed temperatures
in the reactor were equal. In order to justify this assumption, a
separate numerical analysis was conducted in which the heat
transfer efﬁciency between the beads and gas was deﬁned. In the
analysis, the test reactor was modeled as a packed bed reactor and
the gas temperature was calculated based on heat transfer between
the gas and bed. As a simpliﬁcation, the bed temperature was
deﬁned equal with the measured reactor temperature proﬁle. The
conclusion was that the gas temperature deviates from the bed
temperature only at the beginning and at the end of the reactor
where the reactor temperature changes steeply. However, the gas
temperature is practically the same as the bed temperature in the
part of the reactor where the temperature is above 1000 K. This is
also the most remarkable area considering the kinetic parameter
optimization. Thus, it is justiﬁed to neglect the heat transfer be-
tween the gas and the reactor from the reaction kinetics analysis.
4. Results
4.1. Experiments and global kinetics
The methane conversion values from the experiments and from
the modeling of the test reactor using the optimized global kinetics
are shown in Fig. 2. Each data point corresponds to one of the 48
experimental cases. The results achieved with the optimized global
kinetics did not depend on the model selection but both the plug
ﬂow reactor model and the constant pressure reactor model pre-
dicted highly equal methane conversion values. The error bars
indicate the uncertainty in the experiments. Since the measure-
ment uncertainty in the gas composition analysis had an absolute
value that depended on the selected measurement range, the
measurement uncertainty was the highest in cases where the
methane concentration in the input gas was the lowest. In order to
clarify the graphical format in Fig. 2, the cases are presented in the
order of increasing experimental methane conversion and the same
order is used throughout the paper. Since the global kinetic pa-
rameters were optimized using the experimental data, the
modeling values follow well the experimental ones. In most of the
cases, the modeling values are within the limits of measurement
uncertainties in Fig. 2.
Four experimental cases are presented in Fig. 3 to exemplify the
temperature proﬁles in the test reactor and to compare the
experimental methane conversion values to the modeling values
Fig. 2. Comparison of the experimental methane conversion with the values from the
modeling using the optimized global kinetics. Each case represents a single mea-
surement. Detailed data for each measurement is presented in Appendix.
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with the optimized global kinetics. These cases were chosen as they
represent the high (Case 43 and Case 34) and low (Case 17 and Case
16) nominal gas temperatures during the experiments. The devia-
tion between the experimental and modeling methane conversion
values was smaller in cases where the reactor maximum temper-
ature was high, above 1300 K, and as a result, the methane con-
version was high. This is mainly due to the global mechanism
optimization procedure, where the function minimized the abso-
lute difference between the model values and experiments, and
thus, weighted the high methane conversion values.
4.2. 37-Step reaction mechanism
In order to evaluate the operation of the optimized global
kinetics, comparison was done to other mechanisms presented in
the literature. Detailedmechanisms for the TDM reaction have been
presented previously for instance by Rodat et al. [18] and Ozalp
et al. [19]. Among those, the mechanism by Ozalp et al. was chosen
here since it was available with full kinetic parameter information.
This kinetic mechanism was originally developed by Olsvik and
Billaud [33] who conducted non-catalytic methane decomposition
experiments in a plug ﬂow reactor at reactor maximum tempera-
ture of 1273 K with methane conversion values below 0.01 and
modeled the TDM reaction with homogenous gas phase chemical
kinetics. The reaction kinetics model consisting of 36 reactions was
used to explain the decomposition of methane to other hydrocar-
bons and the modeling results correlated well with the
experiments.
Fig. 3. Comparison of the experimental methane conversion values to the modeling values with the optimized global kinetics in four example cases. The reactor temperature ﬁts
were formed during the optimization process based on reactor temperature measurements.
Fig. 4. Comparison of methane conversion values between the own experiments and
modeling with the 37-step reaction mechanism of Ozalp et al. [19]. Each case repre-
sents a single measurement.
Fig. 5. Comparison of the methane conversion between Plevan's experimental results,
modeling results with the optimized global kinetics and with the 37-step reaction
mechanism of Ozalp et al. [19].
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Later, Ozalp et al. [19] revised the reaction kinetics by adding an
irreversible reaction that takes into account the solid carbon for-
mation. Ozalp et al. used the 37-step reaction mechanism to
simulate the non-catalytic methane decomposition at
1823 Ke2300 K with short residence times (<0.1 s). Even though
Ozalp et al. presented that solid carbon was formed during the
experiments at 1823 K, their kinetic mechanism proposed negli-
gible carbon formation at that temperature. Ozalp et al. [19] re-
ported that the kinetic mechanismwas able to predict solid carbon
formation only at temperatures above 2100 K, which is well above
the temperature range used in this study and also in industrial
reactors other than solar or plasma reactors.
First, the 37-step mechanism was applied to model the TDM
reaction in the test reactor. The experimental and modeling results
are shown in Fig. 4. According to the results, the 37-step mecha-
nism constantly predicted lower methane conversion values than
the experiments. Furthermore, the 37-step mechanism predicted
negligible solid carbon formation, even though the carbon forma-
tion was detected experimentally. This coincides with the conclu-
sion stated by Ozalp et al. [19] that this kinetic model cannot
predict solid carbon formation well at temperatures below 2000 K.
In order to test the optimized global kinetics and the 37-step
mechanism for different reactor conditions and different temper-
ature ranges, experiments from the literature [34] were chosen to
be modeled with both kinetics. These experiments were conducted
by Plevan et al. [34], who studied TDM in a bubble column reactor
and conducted additional tests with a blank tube at the nominal gas
temperatures of 1023 K, 1123 K and 1173 K. Furthermore, Plevan
et al. conducted numerical studies of this setup and concluded that
the global reaction mechanisms found in the literature were not
sufﬁcient to explain the TDM reaction, and proposed the utilization
of a more detailed mechanism and reverse reactions.
Fig. 6. The reaction ﬂow analysis (mol=m3) and sensitivity analysis for 100% CH4 at 1500 K and at reaction time of 10 s by using the 37-step reaction mechanism of Ozalp et al. [19].
The two most essential reactions in this study are marked with dashed circles. The sensitivity analysis of carbon production presents the ﬁve most effective reactions in the 37-step
reaction mechanism.
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Here, the experimental conditions in the study of Plevan et al.
[34] are modeled with the optimized global kinetics proposed in
this study and with the 37-step mechanism adopted from the
literature. The gas residence time in the reactor was calculated
based on the gas volumetric ﬂows, reactor dimensions and reactor
temperature proﬁles presented in the study of Plevan et al. The
experimental and modeling results are presented in Fig. 5. The
optimized global kinetics shows especially good agreement with
the experimental data at temperatures 1023 K and 1123 K. In all
cases the 37-step mechanism predicts too lowmethane conversion
similarly than is shown above in Fig. 4.
The global kinetic parameters were optimized in this study
based on experimental data that contains measured temperature
proﬁles, which due to the beads corresponded well with the gas
temperature proﬁles, and a reasonable correspondence was ach-
ieved between the model values and the experiments of Plevan
et al. [34]. In contrast, the 37-stepmechanism, which was originally
developed by Olsvik and Billaud [33], is based on experiments
conducted at the reactor maximum temperature of 1273 K and
simulations conducted at the constant temperature of 1243 K,
which is 30 K below the reactor maximum temperature in the
experiments. The inadequate temperature proﬁle deﬁnition during
the experiments and simulations might be the fundamental reason
for the deviation between the modeling and experimental values in
Figs. 4 and 5. Studying this further would require revising the 37-
step mechanism by using experimental data of hydrocarbon for-
mation in TDM produced in an environment where the tempera-
ture proﬁles are deﬁned in detail. However, the experimental data
in this study was not sufﬁcient for this purpose. Therefore, this
study focuses on another previously reported ﬂaw of the 37-step
mechanism, which is the inability to predict solid carbon forma-
tion below 2000 K [19]. This mechanism was chosen for further
optimization since it is a rather simple mechanism and the full
kinetic parameter information is publicly available. Therefore, this
model could be utilized for prospective research and reactor design
purposes.
4.3. Sensitivity analysis and mechanism improvement
In order to identify the most important reactions in the mech-
anism concerning the formation of solid carbon, a reaction ﬂow and
sensitivity analyses were performed according to the work of
Soyhan et al. [35] (Fig. 6). The analyses were conducted at a refer-
ence temperature of 1500 K, considerably lower than the 2000 K
previously studied.
According to the reaction ﬂow analysis, a high amount of ben-
zene was formed from acetylene whereas the route from acetylene
to C2H and ﬁnally to solid carbon was minor. Furthermore, the
sensitivity analysis revealed how the benzene formation competed
with the carbon formation. Therefore, the reaction of solid carbon
formation from C2H (Reaction 37) was adjusted in order to accel-
erate the solid carbon formation and, as a result, speed up the C2H
formation from acetylene. As a consequence, this modiﬁcation
reduced benzene formation from acetylene.
The activation energy of (Reaction 37) was decreased to speed
up the carbon formation and the frequency factor was adjusted
slightly by trial and error method. The resulting kinetic parameters
are shown in Table 2. Finally, the adjusted mechanism was applied
to model several TDM experiments presented in the literature.
First, the adjusted parameters were tested in an experimental
case (10% CH4 in Ar at 1823 K) presented by Rodat et al. [36], which
was modeled by using the original 37-step mechanism and com-
parison was conducted to the modeling results with the adjusted
37-step mechanism (Fig. 7). Adjusting the kinetics improved the
agreement between the model values and experiments. The
adjusted 37-step mechanism predicted the H2 production better
than the original 37-step mechanism and was also able to predict
the solid carbon formation at lower temperatures. Moreover, the
adjusted 37-step mechanism predicted acetylene decomposition,
even though the rate of this reaction was slightly too high in
comparison with the experiments.
Second, the adjusted 37-step mechanism was applied to model
the experiments of Billaud and Gueret [37], who studied methane
decomposition to other hydrocarbons with an electrically heated
ﬂow reactor of which temperature was reported as 1263 K. The
modeling values were mainly in a good agreement with the ex-
periments as shown in Fig. 8. The modeling values deviated the
most from the experiments in the case of acetylene and benzene.
These deviations may be partly because the 37-step mechanism
consists of a limited amount of hydrocarbon species, and therefore,
the mechanism was not able to predict the formation and decom-
position of all the species measured by Billaud and Gueret.
Both in Figs. 7 and 8 the models predict faster methane
decomposition and formation of other components that has been
detected during the experiments. The reason for this might be that
the temperature proﬁles in the experiments in Refs. [36,37] were
not constant even thought it was assumed in this study. Since only
one temperature value was given for each experiment in these
studies, modeling was conducted here in constant temperatures,
which were equal to the given temperature levels. When analyzing
Figs. 7 and 8, it appears that a temperature ramp might have
occurred in the ﬁrst part of the reactor during the experiments
where the gas has warmed up from the inlet temperature to the
given temperature level. An increasing temperature ramp in the
measurements would cause a slower methane decomposition and
product gas formation in the ﬁrst part of the reactor than a constant
temperature proﬁle.
Finally, the adjusted 37-stepmechanismwas comparedwith the
Table 2
The original and adjusted Arrhenius parameters (deﬁned in Eq. (4)) for (Reaction 37)
in the reaction mechanism developed by Ozalp et al. [19].
A Ea (kJ/mol) n () Ref.
C2H/ 2C þ H(37) 4.68$1016 124 0.0 [19]
C2H/ 2C þ H(37) 4.68$1015 62 0.0 This work
Fig. 7. Comparison of the experimental methane conversion data (10% CH4 in Ar at
1823 K) from Rodat et al. [36] and the modeling results using the original and adjusted
kinetic parameters for the 37-step reaction mechanism.
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simulation results of Rodat et al. [18], who studied methane
decomposition with a highly detailed homogenous reaction
mechanism (over 240 species and 14,000 reactions) and veriﬁed
this kinetic model with their experimental data achieved at
1670 Ke1770 K. Both the original 37-step mechanism and the
adjusted 37-step mechanism are here studied in a case where the
constant temperature is 1700 K and residence time is 1 106
se100 s. The modeling results are compared with the simulation
results of Rodat et al. [18] in Fig. 9. A total mass fraction less than 1
in Fig. 9 indicates that hydrocarbons other than selected here have
been formed.
Similarly as observed previously in Fig. 7, the original 37-step
mechanism predicted low H2 and high acetylene formation as
well as a slow decomposition of acetylene in comparison with the
simulations of Rodat et al. [18]. The original 37-step mechanism
was not able to predict the solid carbon formation at the selected
Fig. 8. Comparison of the product gas composition from methane decomposition experiments at 1263 K and 1 atm (marker symbols) [37] and from modeling with the adjusted 37-
step reaction mechanism (solid lines).
Fig. 9. Results of methane decomposition modeling at 1700 K by using the original 37-step reaction mechanism (dash-dot lines) and the adjusted 37-step reaction mechanism
(solid lines) compared with the simulation results of Rodat et al. [18] (dashed lines).
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temperature of 1700 K, but instead predicted formation of very high
amounts of benzene, as was previously noticed in the reaction ﬂow
and sensitivity analyses in Fig. 6.
Adjusting the 37-step mechanism improved the agreement to
the simulation results of Rodat et al. [18]. The major improvement
of the adjusted kinetics was that it predicted carbon formation
comparable to the Rodat's results and predicted a negligible
amount of benzene. Furthermore, the adjusted 37-step mechanism
predicted amoremoderate formation and the faster decomposition
of acetylene compared with the original 37-step mechanism.
In conclusion, it can be stated that the adjustment of the 37-step
mechanism provided better correspondence with the experimental
and simulation results at temperatures below 2000 K. The solid
carbon formation in the 37-step mechanism followed a particularly
simple reaction path, but in general, the solid carbon formation
from hydrocarbon pyrolysis is stated to proceed via formation of
PAHs, as presented in numerous experimental [38,39] and
modeling studies [40e42]. Regarding the carbon formation, an
option to improve the 37-step mechanism could be to take into
account these more detailed models for carbon formation in TDM.
However, rather than adding complex PAH and soot formation
mechanisms to the 37-step mechanism, for example, the kinetic
model of Rodat et al. [18], where the PAH and soot formation are
included already, could be utilized.
5. Conclusion
In this paper, two simple kinetic mechanisms to describe the
TDM reaction in a non-catalytic reactor were studied. The global
kinetic mechanism, where the kinetic parameters were optimized
based on experiments conducted in this study, was found to predict
methane conversion accurately in non-catalytic TDM experiments
where the temperature proﬁles were deﬁned. Therefore, this
mechanism will be chosen for future reactor design. The 37-step
mechanism, which was adopted from the literature, has potential
in a detailed modeling of hydrocarbon formation in TDM. However,
two ﬂawswere identiﬁed concerning this mechanism. First, the 37-
step mechanism was unable to predict solid carbon formation, but
that was successfully improved in this study. Second, the temper-
ature proﬁle determination during the 37-step mechanism devel-
opment has been inadequate and that might be the reason for
inaccuracies between the modeling and experimental results
detected in this study. Improvement would require producing
experimental data of formation of numerous hydrocarbons in TDM
in an environment where the reactor temperature proﬁles are
deﬁned in detail, and ﬁnally, utilizing this data to optimize the ki-
netic parameters of the 37-step mechanism again.
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Appendix A.
Gas input flow (dm3/min) Temperature (°C) in measurement points (m) Methane
Case CH4 N2 0.4 0.6 0.9 1.2 1.4 1.7 2 2.4 conversion (-)
1 0.1 6 226 390 593 738 744 801 666 90 0.000
2 0.1 6 783 942 941 949 925 940 710 84 0.006
3 1 8 660 800 798 977 956 1050 837 93 0.052
4 1 8 663 800 797 979 955 1050 837 94 0.055
5 1 6 684 828 935 995 967 998 811 102 0.058
6 1 8 796 920 982 1024 995 1026 825 103 0.068
7 0.15 6 905 1020 1050 1025 1006 1020 768 67 0.069
8 0.5 5 635 800 827 972 973 1049 813 89 0.076
9 0.5 5 656 800 806 976 966 1053 816 89 0.081
10 1 6 660 800 801 976 959 1050 824 90 0.084
11 1 6 664 800 798 978 957 1050 831 92 0.085
12 1 8 942 1024 1016 1023 989 1025 829 107 0.092
13 0.5 5 801 918 983 1025 995 1025 810 100 0.097
14 1 6 725 863 968 1025 995 1025 819 102 0.103
15 1 6 801 921 985 1026 995 1025 816 100 0.108
16 1 5 669 800 797 980 957 1050 825 92 0.110
17 0.3 6 899 1025 1025 1026 1013 1027 766 59 0.115
18 0.05 5 618 801 841 969 983 1050 801 86 0.124
19 0.5 5 945 1025 1020 1024 988 1025 813 105 0.151
20 1 8 270 560 904 1045 1053 1069 850 109 0.164
21 1 6 943 1025 1018 1024 988 1025 821 106 0.166
22 0.05 5 805 920 985 1025 994 1025 808 102 0.182
23 1 8 245 534 903 1045 1058 1070 852 107 0.188
24 0.05 5 942 1025 1023 1025 987 1026 810 107 0.191
25 0.05 5 227 527 916 1044 1066 1070 834 101 0.195
26 0.05 5 257 550 908 1045 1057 1070 837 106 0.222
27 0.05 5 649 801 814 973 968 1050 812 89 0.270
28 0.5 5 262 552 908 1045 1056 1070 838 105 0.277
29 0.5 5 233 529 909 1045 1063 1070 838 102 0.305
30 1 6 266 557 905 1045 1056 1070 847 107 0.322
31 1 6 239 531 905 1046 1060 1070 846 105 0.329
32 0.1 6 945 1081 1089 1093 1061 1082 837 92 0.458
33 0.1 6 970 1099 1108 1111 1078 1100 859 93 0.603
34 1 15 1138 1165 1159 1165 1128 1165 938 83 0.726
35 1 10 1137 1165 1163 1165 1133 1165 891 77 0.744
36 0.1 8 1032 1146 1155 1159 1124 1150 910 95 0.783
37 1 10 1142 1165 1161 1165 1130 1165 917 80 0.788
38 1 5 1130 1161 1163 1160 1126 1161 839 92 0.795
39 0.7 6 1176 1163 1163 1168 1138 1165 883 110 0.812
40 0.1 6 1036 1150 1159 1162 1128 1155 888 95 0.815
41 1 5 1140 1165 1164 1165 1133 1165 884 77 0.824
42 0.15 6 1123 1165 1165 1165 1138 1165 865 75 0.825
43 0.5 6 1071 1163 1163 1168 1139 1165 880 108 0.831
44 1 5 1136 1170 1167 1170 1145 1169 864 68 0.832
45 0.3 6 1064 1164 1165 1168 1142 1166 874 107 0.842
46 0.15 6 1062 1164 1168 1170 1146 1169 864 107 0.854
47 0.05 6 1124 1171 1169 1170 1148 1170 858 67 0.878
48 0.05 6 1134 1166 1165 1166 1135 1165 872 76 0.906
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